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Kurzfassung
Die sekundären Lösemittelalkohole 2-Propanol und 2-Butanol werden durch
die säure-katalysierte Reaktion der entsprechenden Alkene Propen und den
isomeren n-Butenen mit Wasser hergestellt, wobei in erster Hinsicht zwei
Prozessvarianten unterschieden werden können. Der überwiegende Anteil der
Weltproduktion wird durch das ältere indirekte Hydratisierungsverfahren, bei
dem flüssige Schwefelsäure als Katalysator zum Einsatz kommt, hergestellt. Der
kleinere Anteil wird durch heterogenkatalytische direkte Hydratisierungsver-
fahren produziert, die, je nach Katalysator, in einer Gasphase oder zwei nicht
mischbaren Flüssigphasen durchgeführt werden.
Das indirekte Verfahren hat aufgrund der Verwendung flüssiger Schwefelsäure
einige Nachteile gegenüber den direkten Verfahren. Nahezu alle Anlagenteile
sind durch die Gegenwart von Schwefelsäure korrosiven Angriffen ausgesetzt
und die Schwefelsäure muss nach einer prozessbedingten Verdünnung mit Was-
ser durch Destillation zurückgewonnen und dem Reaktor wieder zugeführt
werden. Darüber hinaus ist die Selektivität zum gewünschten Alkohol relativ
gering. Der offenbar einzige Vorteil dieses Verfahrens besteht in der Möglich-
keit, Kohlenwasserstoff-Schnitte mit einem Alkengehalt von nur 40% bis 60%
verarbeiten zu können.
Unter den direkten Verfahren ist der Flüssigphasenprozess besonders inter-
essant, da hier die prinzipielle Möglichkeit zur Prozessintensivierung durch
Integration von Reaktion und simultaner Abtrennung des Produktes besteht.
Eine Reaktivextraktion scheint für das vorliegende Reaktionssystem besonders
geeignet, da eine organische und eine wässrige Phase bereits vorhanden sind, die
organische Phase den Katalysator nicht benetzt und das höhere Extraktionspo-
tenzial für das Produkt aufweist. Durch simultane Extraktion des Alkohols wird
die Folgereaktion zum Ether verlangsamt und die gewünschte Alkoholbildung
beschleunigt.
Mit dieser Arbeit wurde ein konzeptioneller Entwurf für einen optimierten
Herstellungsprozess zur heterogenkatalytischen Flüssigphasen-Hydratisierung
linearer C3- und C4-Alkene an sauren Ionenaustauscherharzen auf Basis einer
Reaktivextraktion entwickelt. Dazu wurden im Vorfeld experimentelle und
theoretische Untersuchungen zur Thermodynamik, Reaktionskinetik, und Stoff-
transportkinetik unternommen. Die daraus gewonnen Erkenntnisse wurden




Für die experimentellen Untersuchungen wurde eine automatisierte Hochdruck-
Labor-anlage konzipiert und aufgebaut, um Mikro- und Makrokinetik der
Produkt- sowie wesentlicher Nebenproduktbildungen zu untersuchen. Die Anla-
ge besteht im Wesentlichen aus einem kontinuierlich betriebenen Mehrphasen-
Rührkesselreaktor und einer gaschromatographischen Online-Analytik. Die
gewonnenen Versuchsergebnisse wurden zur Entwicklung geeigneter intrinsi-
scher Reaktionsgeschwindigkeitsgesetze genutzt.
Schließlich wurde auf Basis der theoretischen und experimentellen Infor-
mationen ein eindimensionales Modell für einen Reaktivextraktor unter Be-
rücksichtigung der nicht-idealen diffusiven Stofftransportvorgänge erstellt, um
detaillierte Schlussfolgerungen für den weiteren Forschungsbedarf formulieren
und eine mögliche großindustrielle Applikation skizzieren zu können. Zusätzlich
wurde für die nach dem Reaktor folgenden thermischen Trennoperationen ein
Computerprogramm zur Nichtgleichgewichtssimulation von Destillations- und
Stripperkolonnen erstellt. Die Simulationsergebnisse zeigen, dass durch die
Umstellung des Hydratisierungsprozesses von einem Rieselbettreaktor zu einer
Reaktivextraktion mit strukturierter Packung, neben der erheblich verbesserten
Reaktoreffizienz, Energieeinsparungen von ca. 40% bezüglich der benötigten
Verdampferwärme erzielbar sind. Diese außergewöhnliche Verbesserung unter-
streicht, dass ein enormes Potenzial für Energiebedarfssenkungen in chemischen




The secondary alcohols isopropyl alcohol (IPA) and sec-butyl alcohol (SBA) –
an important class of solvents – are mainly manufactured by acid catalyzed
hydration of their corresponding alkenes propene and the isomeric n-butenes
with water, whereas, essentially, two process variants can be distinguished for
the manufacture of secondary C3- and C4-alcohols. The major part of the
world production is provided by the older indirect hydration process wherein
sulfuric acid is employed as catalytically active component. The minor part
is produced by the heterogeneously catalyzed direct hydration process which –
depending on the used catalyst type – is conducted in the gas phase or in two
immiscible liquid phases.
Due to the utilization of sulfuric acid the indirect process suffers from several
drawbacks when compared to the direct process variants. Almost all plant
equipment is subject to corrosive attacks by the sulfuric acid catalyst and, in
addition, the sulfuric acid needs to be recovered by distillation due to dilution
with water in the process. Furthermore, selectivity towards the desired product
alcohol is relatively low. The only advantage which might be found for this
process is the applicability of raffinate streams with an alkene content of only
40% to 60%.
Among the direct process variants the liquid phase process is notably interest-
ing, as for this process, in principle an opportunity for process intensification by
integration of reaction and simultaneous product separation is available. Due
to the presence of two immiscible liquid phases, namely organic and aqueous
phase, a reactive extraction process seems to be particularly qualified. Besides
this, the aqueous phase wets the used acidic ion exchange resin catalyst ex-
clusively and the organic phase extracts the product from the aqueous phase,
thereby, also extracting the product from the catalyst which is saturated with
water. By simultaneous removal of the main product alcohol the formation of
the by-product is almost suppressed and the formation of the desired alcohol
enhanced.
In this work a conceptual design of an improved process for the heteroge-
neously acid ion exchange catalyzed hydration of linear C3- and C4-alkenes
based on reactive extraction is developed. For this purpose, experimental and
theoretical investigations on thermodynamics, more specifically on fluid phase
equilibria, micro- and macrokinetics of the reaction and multicomponent mass
transfer have been undertaken. The obtained findings were used for a simulation
vii
Abstract
of the reactive extraction process, thereby, providing the basis for conceptual
design.
An automated high-pressure laboratory plant has been designed and built
for conducting kinetic experiments. Micro- and macrokinetics of main and side
reactions were investigated in a continuously stirred multiphase tank reactor
analyzing the change in phase composition by online gas chromatography. The
experimental results were used for the development of appropriate intrinsic
reaction rate models.
In conclusion, a one-dimensional model of a reactive extraction column was
developed which considers besides the reaction kinetics nonideal diffusive mass
transfer phenomena in order to allow for the conceptual design of a reactive
extraction column. For the additional evaluation of post-reactive separation
sequences a nonequilibrium distillation and stripping simulation program was
written. The results show that besides the remarkably improved reactor perfor-
mance the modified separation sequence leads to an energy saving of approx.
40% with respect to the required evaporation heat for post-reactive distillation
and stripping. This exceptional improvement emphasizes the potential of energy
demand reductions in chemical manufacture processes which can be achieved
by undertaking process intensification.
viii
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1 Introduction
1.1 Production and Utilization of sec-Alcohols
Isopropyl alcohol.
The petrochemical which was produced for the first time on a commercial scale
is isopropyl alcohol (IPA). In 1920, the Standard Oil Co. of New Jersey
started the first plant worldwide for producing isopropyl alcohol from propene
(P) and water (W) with a capacity of 75 metric tons per year. Today, the world
production capacity for isopropyl alcohol comprises 1 800 000 metric tons per
year.
Almost half of the world production capacity is located in the United States,
one quarter in Western Europe, and approximately one quarter in Asia. Minor
part of the worldwide isopropyl alcohol-production is provided in Central and
South America (fig. 1.1).
Isopropyl alcohol is primarily used as solvent for paints, printing inks, in the
production of silicon wafers, as reaction solvent in the manufacture of drugs,
and as drying agent in fuels. Some isopropyl alcohol is employed as intermediate
for the production of acetone and manufacture of base chemicals for cosmetics
and pesticides. Isopropyl alcohol is also applied as antiseptic alcohol and as
cleaning agent in industrial soldering of electrical circuits (Papa [1]).
Sec-butyl alcohol.
According to isopropyl alcohol, sec-butyl alcohol is formed by the addition
of water to the double-bond of n-butenes (B). Almost all sec-butyl alcohol
produced is dehydrogenated to 2-butanone, also known as methyl ethyl ketone,
which is an important solvent for coatings, resins, and adhesives due to its high
ratio of dissolved matter/viscosity. Methyl ethyl ketone has properties similar
to acetone, i. e. low boiling point, high evaporation rate, and is completely
miscible with a broad range of hydrocarbons. In 2006, approximately 92% of
methyl ethyl ketone produced worldwide were obtained from dehydrogenation
of sec-butyl alcohol (Hoell et al. [3]).
Approximately half of the world production capacity for sec-butyl alcohol-
based methyl ethyl ketone resides in Asia, thirty percent in Western Europe,
and twenty percent in the United States and in Central and South America
(fig. 1.2). Sec-butyl alcohol is also employed as solvent, and, in a mixture with






























Figure 1.1: Location of IPA production sites and fields of application.
World production total in 2008: 1 800 000 metric tons (Greiner and
Inoguchi [2]).
lacquers. Moreover, sec-butyl alcohol is used for the production of amines and
butyl acetate (Hahn et al. [4]).
The mentioned annual world production quantities of 1 800 000 metric tons
isopropyl alcohol and 900 000 metric tons sec-butyl alcohol, respectively, em-
phasize the economical significance and the need for continuing retrieval of
improved process alternatives.
1.2 Chemistry of sec-Alcohol Synthesis
Sec-Alcohols, i. e. isopropyl alcohol and sec-butyl alcohol, can be obtained either
by hydration of the corresponding alkenes or by hydrogenation of corresponding
ketones. Sec-butyl alcohol is a chiral molecule for which a racemic mixture of
(2R)-butyl alcohol and (2S)-butyl alcohol is usually obtained by hydration. The
commonly employed hydration catalysts – especially the acidic ion exchange
resins considered in this work – are not enantio-selective. Therefore, stereo-
chemical properties of sec-butyl alcohol, which, by the way, are usually also
not of interest for most of the applications of sec-butyl alcohol, are generally
not considered within this work.
The reaction path considered here is the hydration of alkenes, i. e. propene






























Figure 1.2: Location of SBA-based MEK production sites and fields of
application. World production total for SBA-based MEK in 2008:
900 000 metric tons (Greiner and Funada [5]).
Due to Markovnikov’s rule, from propene and n-butenes only secondary C3-
and C4-alcohols can be obtained by the acid catalyzed hydration reaction. The
hydration reaction is reversible and moderately exothermic. Heats of reaction
for the ideal gases at 298.15K and 101.3 kPa are compiled in table 1.1.
Possible side reactions are oligomerization of alkenes, polymerization of
alkenes, and consecutive formation of secondary ethers which is the most
important side reaction. The etherification reaction can proceed via two paths.




C2nH4n+1O + H2O , (1.2)
or an alcohol molecule is linked to the double-bond of the corresponding alkene





respectively. The consecutive etherifications of isopropyl alcohol and sec-butyl
alcohol, which yield diisopropyl ether (DIPE) and DSBE, respectively, are
reversible and exothermic to a similar extent compared to the related hydration
reactions (table 1.1).
It is well accepted that the hydration reaction proceeds via a second order
electrophilic addition mechanism (AE2). In the first elementary reaction step
a carbenium ion is formed from an alkene molecule by an acid proton which
3
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Table 1.1: Heats of reaction of C3- and C4-hydration and -etherification
reactions [6].
Product Reaction type ∆h0r
kJ/mol
IPA Addition −51.4





is attacked by the double-bond electrons of the alkene. In the second step a
water molecule attaches to the carbenium ion under elimination of an acid
proton (Nowlan and Tidwell [7]). The first reaction step is considered to be
rate determining as the life cycle of the carbenium ion is extremely short. The
dehydration of the alcohol as the reverse reaction forming the corresponding
alkene proceeds via a first order elimination mechanism (E1).
From the hydration reaction, it can readily be deduced that both etherification
reactions, i. e. addition and condensation, also proceed via a carbenium ion
whereas the condensation is a first order nucleophilic substitution mechanism
(SN1). However, in all cases the formation of the carbenium ion can be
considered as the rate determining step. As a consequence, when these reactions
are homogeneously catalyzed the kinetics can probably be represented by a
reaction rate expression which is elementary in nature.
1.3 Industrial Hydration Processes
Two possible routes exist for the formation of sec-alcohols from corresponding
alkenes:
Indirect hydration wherein sulfuric acid is used to form mono- and dialkyl
sulfates which are subsequently hydrolyzed by water forming the desired
secondary alcohol, and
Direct hydration wherein heterogeneous acid catalysts are employed to convert
the alkenes directly into the secondary alcohols.
Although worldwide approximately 50% of isopropyl alcohol and sec-butyl
alcohol are produced by indirect hydration processes, the underlying work
focuses on the direct hydration. More specifically, it focuses on the liquid phase
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direct hydration catalyzed by strong acidic ion exchange resins which provides
only approximately 21% and 16% of worldwide manufacturing capacities for
isopropyl alcohol and sec-butyl alcohol, respectively. The reason for favoring
liquid phase direct hydration as research object is due to the generally higher
potential for process intensification attempts compared to gas phase direct
hydration processes, e. g. considering multi-functional reactors like reactive
distillation, a liquid phase process can readily be extended by a second fluid
phase as the catalyst employed here is already suitable for liquid phase operation.
This is not the case for heterogeneous gas phase hydration catalysts which
normally cannot withstand the hydrolytic nature of condensed phases.
1.3.1 Indirect Hydration
In a first step, the indirect hydration proceeds via the formation of mono- and
dialkyl sulfates from alkenes with concentrated sulfuric acid as co-reactant:
CnH2n + H2SO4 −−⇀↽− CnH2n+1OSO3H , (1.4)
2 CnH2n + H2SO4 −−⇀↽− (CnH2n+1)2OSO3 . (1.5)
The first step is carried out as activated absorption which allows for feeding low
alkene containing raffinate streams, i. e. the required alkene content amounts
at least only to 10wt%˙ (cf. Burton and Wellman [8], Patterson [9]). How-
ever, most indirect hydration plants typically use raffinate streams containing
40wt%˙ to 60wt%˙ alkene as feedstock.
In the consecutive step water is added which hydrolyzes the mono- and
dialkyl sulfates to form the secondary alcohol and dialkyl ether, respectively:
CnH2n+1OSO3H + H2O −−⇀↽− CnH2n+1OH + H2SO4 , (1.6)
(CnH2n+1)2OSO3 + H2O −−⇀↽− (CnH2n+1)2O + H2SO4 . (1.7)
The dilution of sulfuric acid with water in the second step causes a significantly
energy consuming reconcentration step of the acid solution by means of dis-
tillation to allow for recycling of acid in the process. Almost all units of the
plant are subject to the highly corrosive sulfuric acid. Furthermore, the indirect
hydration process causes serious environmental impact and suffers from low
selectivity, i. e. the use of sulfuric acid as catalyst leads to large amounts of
secondary dialkyl ethers, oligomers, and – with increasing temperature – also
polymers. The possibility to use low alkene containing raffinate streams seems




The first plant applied on a large scale for the direct hydration of propene with
strong acidic ion exchange resins was started in 1972 by Deutsche Texaco
AG in Meerbeck, Germany. The reactor was designed as co-currently operating
trickle bed subdivided into multiple trays with intersectional injection of cooling
water (fig. 1.3). The molar feed ratio of water to propene is about 12.5 : 1 to
15 : 1 and the conversion of propene is at least 75% per pass (cf. Neier and
Woellner [10]). Thus, the organic phase is almost consumed when the reaction
mixture leaves the reactor and, as a consequence, the formed isopropyl alcohol
has to be recovered from a dilute aqueous phase (approx. 5mol% to 7mol% of
isopropyl alcohol). From the chemical engineer’s point of view such unbalanced
reactant streams do not represent an optimal reactor design with respect to
very large recycle streams. Furthermore, the diluted aqueous phase needs to
be concentrated to the near of the alcohol-water azeotrope by conventional














Figure 1.3: Trickle bed process for direct hydration of P.
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1.4 Acidic Ion Exchange Resins as Catalysts
In 1983 Deutsche Texaco AG started a production site for the ion exchange
resin catalyzed liquid phase hydration of linear butene isomers. Here, Deutsche
Texaco AG used a submerged fixed bed reactor with gas bubbling as described
in Gianetto [11] or a flooded bed reactor as described in Al-Dahhan et al. [12],
respectively. Due to the co-current up flow this reactor type has an improved
wetting performance for which a significantly reduced molar feed ratio of water
to n-butenes of about 1 : 2 is feasible. The n-butenes are not completely
consumed and the product sec-butyl alcohol is enriched in the organic phase.
Hence, sec-butyl alcohol can be recovered more easily from the organic phase,
first by stripping of the unconverted n-butenes and, secondly by azeotropic
distillation of the bottom product of the stripper. The reasoning for different
catalytic multiphase reactor setups with respect to isopropyl alcohol and sec-
butyl alcohol will be discussed more detailed in section 4.3.
More direct hydration processes are known either operated as gas phase or
liquid phase processes whereas all processes employ heterogeneous catalysts. An
overview of the most important direct hydration process variants and related
operational conditions is provided in table 1.2
Table 1.2: Processes for direct hydration of linear C3- and C4-alkenes.
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1.4 Acidic Ion Exchange Resins as Catalysts
The most important type of today applied acidic ion exchange resins which are
used as catalysts are crosslinked polystyrene polymers with divinylbenzene as
crosslinking agent. After addition polymerization the resins are treated with
concentrated sulfuric acid or chlorosulfonic acid to provide the catalytically
used cation exchange function of the resin. The structure of the polystyrene-
divinylbenzene copolymer is illustrated in fig. 1.4.



















































Figure 1.4: Schematic representation of the structure of sulfonic acid ion
exchange resin. Adopted from [19, 20].
two types—gel and macroporous or macroreticular type resins. The matrix
of dry gel type resins is completely collapsed, i. e. the resin is practically
impermeable for the reactants and thus catalytically inactive. The acidic
polymer matrix can increasingly swell in the presence of polar solvents with
increasing polarity of the solvent and decreasing degree of crosslinking of the
polymer matrix. The applicability of gel type resins is therefore limited to
reactions carried out in polar solvents.
Macroporous type acidic ion exchange resins are agglomerates of gelphase
spheres whereas the macroporous beads are of the same size as the gel type
resins, typically ranging from 0.4mm to 1.3mm. Hence, the macroporous type
resins expand the applicability of ion exchange resin catalysts to non-swelling
reaction media and due to a generally improved accessability of the active sites
these resins are today mostly used for catalytic purposes. Chakrabarti and
Sharma [21] give a very comprehensive review on methods for ion exchange
resin manufacture and catalytic application. In this work the macroporous
sulfonic acid ion exchange resin Amberlyst DT of Rohm and Haas is used
which is especially suitable for the common temperature range of the direct
liquid phase hydration reaction (table 1.2).
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1.5 Objectives of this Thesis
As can be deduced from the previous sections hydration of C3- and C4-alkenes
has been employed on an industrial scale for quite a long time, either by the
sulfuric acid catalyzed indirect process or by the direct process, catalyzed with
acidic ion exchange resins. Although the direct hydration process has many
advantages over the indirect process it is yet not superior over the indirect
variant. Finding a reason for this situation is a major concern of the underlying
work.
In order to resolve the main issues of the acidic ion exchange resin catalyzed
hydration of C3- and C4-alkenes several reaction engineering aspects are in-
vestigated either by means of experimental work or simulation calculations,
respectively:
Nonideal liquid phase thermodynamics comprising phase and chemical reac-
tion equilibria are investigated by simulation,
Microkinetics are investigated in a continuously stirred multiphase tank reactor,
Multicomponent mass transfer across fluid-fluid interface, to outer catalyst
surface, and within the polymer matrix of an ion exchange resin is
simulated using the Maxwell-Stefan equations,
Macrokinetics are analyzed by comparison of experimental kinetic data influ-
enced by mass transfer within the catalyst matrix and the developed
microkinetic model supplemented with the dusty fluid model for multi-
component mass transfer in porous matter, and
Multicomponent Separation units are simulated with a nonequilibrium model.
Based on the results obtained from the above mentioned investigations an
attempt towards process intensification of the acidic ion exchange resin catalyzed
direct hydration is proposed.
A general overview on the topic of this work provides chapter 1, describing
recent production capacities, utilization, and industrially applied processes
for manufacturing of secondary C3- and C4-alcohols from related alkenes.
Chapter 2 addresses work on modeling of physicochemical phenomena and
mass transfer kinetics particularly important for nonideal liquid phase reaction
systems. Chapter 3 starts with some preliminary considerations on a strategy
for experimental investigations of the hydration reaction kinetics. Afterwards a
detailed description of the designed experimental equipment and procedures
which have been used during the course of this work will be given. A possibility
for process intensification by applying heterogeneous reactive extraction—for
the first time—to the ion exchange resin catalyzed liquid phase hydration of
C3- and C4-alkenes is illustrated in chapter 4. The physicochemical models
9
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described in chapter 2 are used in large scale simulations of a multifunctional
hydration reactor and related separation units for product purification and
recovery of unconverted reactants. The obtained results are presented and
discussed in chapter 5.
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2 Modeling and Simulation of Thermophysical
Phenomena
The simultaneous phase and chemical equilibria of the C3- and C4-hydration sys-
tems are of particular importance as their reactants, i.e. water and alkenes, are
only partially miscible in the liquid or liquid-like supercritical state, respectively.
Therefore, the following subsections describe the modeling of liquid-liquid equi-
libria (LLE) involving supercritical alkenes, vapor-liquid equilibria (VLE) for
separation simulation purposes, and chemical equilibria which are accompanied
by the simultaneous phase split in the liquid state. Furthermore, the modeling
of multicomponent mass transfer which is influenced by non-ideal fluid phase
behavior is described.
2.1 Phase Equilibria
The thermodynamic condition for an equilibrium between multiple phases is
the equality of temperature T , pressure P , and of the partial molar chemical
potentials for each component µi in all coexisting phases α, β, . . . , ζ
Tα = T β = . . . = T ζ , (2.1a)
Pα = P β = . . . = P ζ , (2.1b)
µαi = µβi = . . . = µ
ζ
i . (2.1c)
The partial molar chemical potential can be obtained from:




whereas the chemical potential µ0i (T, P 0) and fugacity f0i of a component
at reference state are independent of composition. As all phases must have
the same temperature and pressure at equilibrium according to eqs. (2.1a)
and (2.1b) also the chemical potential and fugacity at reference state will be
equal within all coexisting phases. Hence, chemical potential and fugacity at
reference state can be neglected. Inserting eq. (2.2) into eq. (2.1c) the phase
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The partial molar fugacity f¯i can be expressed in two ways:
f¯i = xiγif0i , (2.4a)
f¯i = xiϕ¯iP . (2.4b)
In eq. (2.4a) f0i is the standard fugacity of the pure liquid at system temperature
and pressure which is independent of composition. This reference state is
obligatory when the activity coefficient γi is computed with a common gE-
model (e.g. UNIQUAC, NRTL, etc.). However, depending on pressure and
temperature the alkenes may be in liquid or supercritical state, respectively.
This is particularly the case for relevant process conditions. Equation (2.4a) can
not be applied to systems with supercritical components because this standard
fugacity is only defined for the pure liquid which does not exist at supercritical
conditions. In addition, the activity coefficient γi computed with a gE-model is,
strictly speaking, only valid for low pressures (<1MPa). Hence, eq. (2.4b) is
employed in this work for representing partial molar fugacities as this equation
is generally valid regardless of the type of state (Walas [1], pp. 154-155).
2.1.1 Thermodynamic Model
The proper estimation of the thermodynamic behavior of partially miscible
(unstable) liquids or liquid-like supercritical phases and of the components
forming such phases is a prerequisite for detailed computer models on super-
critical extraction processes. An unstable liquid exhibits the strongest case for
thermodynamically non-ideal fluid phases. For the case of mixtures containing
supercritical components, we are faced with the employment of an equation of
state, including a mixing rule with the capability to express large molar excess
free (Gibbs) energies. A lot of effort has been spent in the last 20 years in
developing gE-mixing rules for several equations of state (Valderrama [2]). One
such model is the so-called volume translated Peng-Robinson equation of state
(VTPR-EoS) of Ahlers and Gmehling [3–6] which will be presented briefly in
the following paragraphs. They composed their model as a group contribution
method by application of the universal functional activity coefficient (UNIFAC)
model in order to provide gE-data for the mixing rule of the cohesive energy
parameter a. However, the prediction of LLE of hydrocarbon-alcohol-water
systems with the UNIFAC model provides reliable results only at a qualitative
level (Arce et al. [7]). Hence, in our application of the VTPR-EoS-model, the
universal quasi-chemical (UNIQUAC) model is used for reproducing gE-data.
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Starting from the VTPR-EoS in the pressure explicit form
P = RT
v + c− b −
aα(T )
(v + c)(v + c+ b) + b(v + c− b) (2.5)
where b is the co-volume representing the most dense packing of molecules and
a is the cohesive energy parameter representing attractive molecular interaction
forces. Both parameters are determined from critical data for pure components.
The temperature-dependent function, a(T ), improves the prediction of pure
component vapor pressures. The volume correction, c, is defined by
c = vexp − vcalc (Tr = 0.7) (2.6)





(1.5448zc,i − 0.4024) (2.7)
if experimental molar volumes at a reduced temperature, Tr = 0.7, are not
available.
Critical data and other pure component parameters for the components under
consideration are given in table 2.1. For the computation of mixture and/or
partial molar properties, the pure component parameters, ai(T ) = aiα(T ),
bi, and ci have to be transformed by sufficient mixing rules into the mixture
parameters, a(T ), b, and c.
Table 2.1: Thermophysical properties of the pure components [8].
Component CAS-nr. Tc Pc zc ω ra qa
K MPa - - - -
P 115-07-1 365.0 4.62 0.2756 0.148 2.25 2.02
1B 106-98-9 419.6 4.02 0.2767 0.187 2.92 2.56
c2B 590-18-1 435.6 4.21 0.2717 0.202 2.92 2.56
t2B 624-64-6 428.6 4.10 0.2741 0.214 2.92 2.56
IPA 67-63-0 508.3 4.76 0.2479 0.665 2.78 2.51
SBA 78-92-2 536.0 4.20 0.2523 0.576 3.45 3.05
DIPE 108-20-3 500.0 2.88 0.2672 0.340 4.74 4.09
W 7732-18-5 647.2 22.06 0.2294 0.344 0.92 1.40
a Gmehling and Onken [9]
For the mixing rule of the cohesive energy parameter, a, of the VTPR-EoS
15
2 Modeling and Simulation of Thermophysical Phenomena













where gEres is the residual of the molar excess free (Gibbs) energy computed
with the UNIFAC or UNIQUAC model, respectively (Fredenslund et al. [10],
Abrams and Prausnitz [11]). The mixture parameters, b and c, are calculated
from a quadratic mixing rule and a linear mixing rule, respectively.
This set of mixing rules allows computing composition-related thermodynamic
data, e. g., partial molar fugacity coefficients, which are necessary for the
simulation of LLE at high pressure or when supercritical components are
present. However, the volume correction of the VTPR-EoS is only used for
the calculation of densities. For all other purposes the volume correction is
neglected. The reason for this approach is due to an inconsistence in the model
which is discussed more detailed in Ahlers [12]. However, Péneloux et al. [13]
found that the result of a phase equilibrium calculation does not depend on
whether the volume correction is used or not.
The partial molar fugacity coefficients can be calculated from the following





















































xjbi,j − b (2.9c)




















This section describes the simulation results obtained for the high pressure
liquid-liquid equilibrium (HP-LLE) of the C3- and C4-hydration systems. The
results presented here are obtained with the volume translated Peng-Robinson
equation of state - universal quasi-chemical (VTPR-UNIQUAC) presented in
section 2.1.1. The simulations are based on the Rachford-Rice flash algorithm





1 + β(Ki − 1) = 0 (2.10)
for β, where zi is the mole fraction of component i in the feed mixture, Ki is









and β is the ratio of amount light phase formed in the flash separation with
respect to amount feed
β = n
′
n′ + n′′ , (2.12)
the heavy phase mole fraction x′′i can be obtained immediately from
x′′i =
zi
1 + β(Ki − 1) (2.13)
and the light phase mole fraction x′i is calculated from eq. (2.11). Figure 2.1
shows a flow chart of the algorithm as being implemented in this work.
Results for the C3-Hydration System
The pure component data needed by VTPR-UNIQUAC are given in table 2.1.
However, mixture related data, i. e. UNIQUAC interaction parameters for
the HP-LLE of this system, are not available from public literature resources.
But, having access to experimental data (Horstmann et al. [15], Ihmels et al.
[16, 17]), the missing parameters are fitted to these experimental data. The
resulting UNIQUAC interaction parameters are compiled in table 2.2.
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Figure 2.1: Flow chart of the Rachford-Rice algorithm.
Table 2.2: Binary UNIQUAC interaction parameters for the quaternary
system P-W-IPA-DIPE for the high pressure LLE.










Figure 2.2 shows simulation results for the quaternary HP-LLE of the system
propene-water-isopropyl alcohol-diisopropyl ether at 428K and 9.5MPa. The
simulated binodal curve is represented by the grey-colored envelope which fits
the experimental data points well. The ternary subsystems propene-isopropyl
alcohol-water (frontal surface of tetrahedron) and diisopropyl ether-isopropyl
alcohol-water (left hand surface of tetrahedron) show type I LLE, the subsystem
propene-diisopropyl ether-water (bottom area of tetrahedron) has a type-II
LLE, and the subsystem propene-diisopropyl ether-isopropyl alcohol (right































Figure 2.2: Isothermal, isobaric liquid-liquid equilibrium of the quaternary
system P-DIPE-IPA-W; experimental data [15–17]: (q) aqueous phase,
(u) organic phase.
One ternary and two pseudo-ternary binodal curves with fixed molar feed
ratios for propene and diisopropyl ether of 3.33 and 9.6, respectively, are
depicted more detailed in figs. 2.3 to 2.5. For the pseudo-ternary mixtures
with a propene to diisopropyl ether feed ratio of 9.6 (fig. 2.4), which resides
between the ternary mixtures (fig. 2.3) and the pseudo-ternary mixtures with a
feed ratio of 3.33 (fig. 2.5), the two data points close to the center of fig. 2.4
are somewhat far away from the calculated envelope. These data points show
considerable lower isopropyl alcohol mole fractions in the organic phase than
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the corresponding data points in the adjacent equilibrium charts. There is
no theoretical proof for such a double-sided discontinuity. It obviously results
from experimental uncertainties. All in all, simulation and experiments for the
quaternary system agree well and, therefore, the thermodynamic model seems
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Figure 2.3: Isothermal, isobaric liquid-liquid equilibrium of the ternary
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Figure 2.4: Isothermal, isobaric liquid-liquid equilibrium of the pseudo-
ternary subsystem (P+DIPE)-IPA-W; experimental data [17]: (q)
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Figure 2.5: Isothermal, isobaric liquid-liquid equilibrium of the pseudo-
ternary subsystem (P+DIPE)-IPA-W; experimental data [16]: (q)
aqueous phase, (u) organic phase.
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Results for the C4-Hydration System
Experimental data for the HP-LLE of the ternary system 1-butene-water-sec-
butyl alcohol are accessible from the same source as for the C3-hydration system
(Horstmann et al. [18]), but, unfortunately, not from public literature resources.
Interaction parameters for the UNIQUAC model are fitted to the experimental
data at hand and are shown in table 2.3.
Table 2.3: Binary UNIQUAC interaction parameters for the ternary system
1B-W-SBA for the high pressure LLE.





The potential by-product di-sec-butyl ether is not present in the experimental
data and, hence, not included in the set of interaction parameters. However,
the role of di-sec-butyl ether in the HP-LLE of the C4-hydration system can
safely be neglected. A proof for this statement is provided in section 3.4.2.
The resulting simulation of the HP-LLE of the ternary system is illustrated
in fig. 2.6. Also here, a sufficient representation of the experimental data is
achieved with the VTPR-EoS.
2.1.3 Vapor-Liquid Equilibria
A reliable representation of the VLE of the quaternary system propene-water-
isopropyl alcohol-diisopropyl ether in the pressure range 1MPa to 2MPa is
needed for the simulation of distillation and stripping of a homogeneous organic
liquid reactor outlet stream, respectively. Unconverted reactant propene –
by far the lowest boiling component in the here considered system – can be
recovered and recycled to the reactor feed by such a first distillation/stripping
step. The pressure is arranged to a relatively high level, in order to save energy
during recycling of propene. Due to the elevated pressure (1MPa to 2MPa),
again, VTPR-UNIQUAC is employed here.
Fortunately, experimental VLE data for most of the subordinated binary
systems are available from public literature resources. Only for the binary
systems propene-diisopropyl ether and diisopropyl ether-water no data can be
found in the literature. The VLE of these systems are, therefore, predicted by
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Figure 2.6: Isothermal, isobaric liquid-liquid equilibrium of the ternary
system 1B-SBA-W; experimental data [18]: (q) aqueous phase, (u)
organic phase.
from their UNIFAC counterparts. The resulting interaction parameters are
composed in table 2.4.
Table 2.4: Binary UNIQUAC interaction parameters for the quaternary
system P-W-IPA-DIPE for VLE simulations with VTPR-UNIQUAC.
i− j ai,j aj,i bi,j bj,i ci,j cj,i
K K 10−3K−1 10−3K−1
P-W 9493.7 465.8 39.9 −0.2707 1.0 3.5
P-IPA 276.007 −60.996 0.108 0.105 −0.286 −0.31
P-DIPE 72.752 208.782
W-IPA 499.633 199.09 0.058 −0.226 −0.154 0.429
W-DIPE 282.102 389.523 −17.665 33.122 5.03 −9.31
IPA-DIPE −126.108 342.43
The fundamental principles for the separation sequence of a liquid phase
alkene hydration process – discussed in section 5.1.2 for the C3-hydration
system – are also applicable to the C4-hydration system and are, therefore,
not considered in this work. This holds also for the analysis of VLE and
vapor-liquid-liquid equilibria (VLLE), respectively.
The VLE simulations of the binary subsystems are conducted by bubble
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point or dew point calculations, respectively. The first case corresponds to an
isobaric calculation wherein pressure and mole fraction in the vapor are given
and temperature and mole fraction in the liquid are determined iteratively
by making use of eq. (2.3). In the latter case it is the other way around:
temperature and mole fraction in the liquid are given whereas pressure and
mole fraction in the vapor are calculated. The described combinations of either
temperature with liquid phase mole fractions or pressure with vapor phase mole
fractions are commonly used because pressure mainly affects the vapor phase
and temperature has an essential impact on the liquid phase (Walas [1]).
Figure 2.7 illustrates the VLE of the binary system propene-diisopropyl ether
at 298K, 350K and 400K. propene is in the supercritical state at 400K and
corresponding pressures and, consequently, the two phase region is not existent















T = 400 K
350 K
298 K
Figure 2.7: Isothermal vapor-liquid equilibria of the binary system P-
DIPE; data points generated with the VTPR-UNIFAC model: (s)
vapor phase, (u) liquid phase.
This effect is also shown in fig. 2.8 for the binary system propene-isopropyl
alcohol for 370K which is slightly above the critical temperature of propene.
The simulation fits the experimental data of Zabaloy et al. [19] well.
The system propene-water has a large miscibility gap, especially the solubility
of propene in water is strongly limited to mole fractions below 0.2mol% at
400K and even decreases with temperature. Figure 2.9 shows a good correlation





















T = 370 K
Figure 2.8: Isothermal vapor-liquid equilibria of the binary system P-IPA;
















T = 378 K
311 K
344 K
Figure 2.9: Isothermal vapor-liquid equilibria of the binary system P-W;
experimental data [20]: (s) vapor phase, (u) liquid phase.
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Experimental data of Chamorro et al. [21] for the system diisopropyl ether-
isopropyl alcohol at 313K is also in good agreement with the simulation of the
VTPR-UNIQUAC model (fig. 2.10). Especially the azeotropic behavior of this















T = 313 K
Figure 2.10: Isothermal vapor-liquid equilibrium of the binary system
DIPE-IPA; experimental data [21]: (s) vapor phase, (u) liquid phase.
This is also the case for the simulations of the azeotropic binary system
isopropyl alcohol-water which is – in view of the large temperature range used
in the study of Barr-David and Dodge [22] – in excellent agreement with their
data for the subcritical state of isopropyl alcohol (fig. 2.11) as well as for the
supercritical state (fig. 2.12).
2.1.4 Vapor-Liquid-Liquid Equilibria
The VLLE of the system diisopropyl ether-isopropyl alcohol-water arises in the
heteroazeotropic separation of isopropyl alcohol and water with diisopropyl
ether as entrainer. Other typically employed entrainers for the purification of
isopropyl alcohol are cyclohexane and benzene (cf. Prokopakis and Seider [23]).
In experimental and simulation studies Seider and co-workers [24–26] ex-
haustively investigated the heteroazeotropic distillation of sec-butyl alcohol
and water with di-sec-butyl ether as entrainer. Experimental VLLE data and
the necessary thermophysical properties for the system di-sec-butyl ether-sec-


















T = 473 K
Figure 2.11: Isothermal vapor-liquid equilibria of the binary system IPA-
W at subcritical conditions with respect to IPA; experimental data [22]:

















T = 573 K
548 K
523 K
Figure 2.12: Isothermal vapor-liquid equilibria of the binary system IPA-
W at supercritical conditions with respect to IPA; experimental data
[22]: (s) vapor phase, (u) liquid phase.
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conciseness and due to the similarity of both systems with respect to their
thermodynamic properties the VLLE of the system sec-butyl alcohol and water
with di-sec-butyl ether is not discussed in this work.
For the system diisopropyl ether-isopropyl alcohol-water two experimental
VLLE data sets (Lladosa et al. [28], Verhoeye [29]), four data sets for the LLE
(Chen and Dong [30], Chen and Zhang [31], Chen and Dong [32], Hwang et al.
[33]), and one data set for the VLE (Arce et al. [34]) – all at 0.1MPa – are
found in literature. These data sets are used for fitting modified universal quasi-
chemical (UNIQUAC-q′) interaction parameters which are compiled in table 2.5.
The parameter q′ is 0.89 and 0.88 for C3- and C4-alcohols, respectively, unity
for water and equates to the parameter q for all other components. Further
reading on the modification of the UNIQUAC-q′ model is provided by Anderson
and Prausnitz [35].
Table 2.5: Binary UNIQUAC-q′ interaction parameters of the ternary
system DIPE-IPA-W for VLLE simulations based on the γ-ϕ-approach.
i− j ai,j aj,i bi,j bj,i ci,j cj,i
K K 10−3K−1 10−3K−1
DIPE-IPA −1582.0 230.3 −2.38 −0.077 25.8 −3.4
DIPE-W 1020.1 373.0 −0.858 0.059 3.8 −3.7
IPA-W −1982.8 −342.5 10.0 1.694 −12.3 2.2
As heteroazeotropic distillation is usually carried out at moderate pressures
(< 1MPa) the application of the so-called γ-ϕ-approach as phase equilibrium
condition is preferred here, i. e. eq. (2.4a) is chosen for reproducing liquid phase
fugacities while for the vapor phase eq. (2.4b) is still used. Furthermore, the
following simplifications are made:
i) the vapor phase is taken to be ideal (ϕ¯Vi = 1),
ii) the standard fugacities of the pure liquid components are substituted by
the corresponding vapor pressures (f0i = P sati ), and
iii) the LLE condition reduces to the isoactivity criterion (x′iγ′i = x′′i γ′′i ).
The simulation of VLLE is by far more complex than the simulation of VLE
or LLE. A VLLE is in almost all cases a non-isothermal problem, i. e. the
heterogeneous liquid boiling surface (intersection of the LLE envelope with
the VLE envelope) is not necessarily planar in T -x space. Furthermore, for a
class of systems, which most often arise in heteroazeotropic distillation and
of which type is also the system under consideration, the LLE envelope is
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limited and closed for an upper critical solution temperature. This means,
a liquid can be stable, metastable, or unstable and it must be distinguished
between these different states. This phase stability problem is a classical issue
in thermodynamics which has been addressed by many authors in the past,
(e. g. Michelsen [36], Sun and Seider [37], Wasylkiewicz et al. [38]). However,
the most reliable and fastest method that could be found is that of Pham and
Doherty [39] although it is restricted to systems which have an upper critical
solution temperature and exhibit at most two immiscible liquid phases.
The simple but very effective idea of this method is to scan in a temperature
interval, TL < Tmax < TH, for the maximum temperature at which for a given
composition, x′ = x0, the liquid is not yet stable. Transforming the isoactivity
criterion into a set of differential equations in terms of the composition gradient












nc − x′′ncγ′′nc (2.14b)





the liquid mixture can be checked for stability. If for the complete range of
temperatures only the trivial solution, x′ = x′′, is found or the trajectories
run out of the composition space, the considered mixture will be stable and
the following calculation will be a VLE simulation. If, otherwise, a separate
solution is found it will be metastable.
The VLLE algorithm is as follows: the scan starts here at T (0) = TH and at
an initial guess for x′′(0). If the integration of eq. (2.14) does not converge or
converges to the trivial solution the temperature is reduced by, e. g. 10K, and
a new attempt is made. This procedure is repeated until a separate solution
for x′′ is found. If the iteration converges already during the first attempt the
liquid mixture will be completely unstable.
Once a temperature is found – at which heterogeneity is detected – the








, i = 1, 2, . . . , nc (2.15)
If the sum over all vapor mole fractions is greater than unity the temperature
must be reduced iteratively until the sum of vapor mole fractions will be unity
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and the heterogeneous liquid boiling surface will be located. Now an LLE
simulation can be performed to accomplish the solution of the VLLE problem.
If, otherwise, the sum over all vapor mole fractions is less than unity the LLE
and VLE envelopes are disjoint from each other and, hence, a VLLE is not
existent. The algorithm is illustrated in fig. 2.13.
Results for the VLLE simulations are depicted in fig. 2.14. The simulation
is in fair agreement with the experimental data of Lladosa et al. [28]. Only
the ternary heterogeneous azeotrope is not reproduced by this simulation and
for tie line No. 1 which is close to the plait point the model predicts a stable
(homogeneous) liquid mixture. This is probably due to the uncertainty in the
fitted UNIQUAC-q′ interaction parameters as the ternary azeotrope is very
close to the binary azeotrope of the system diisopropyl ether-water, i. e. the
isopropyl alcohol content of the ternary azeotrope is only as low as 6.2mol%.
To summarize, a fast and reliable method is used to check the stability
of liquid mixtures which have an upper critical solution temperature and
exhibit no more than two immiscible phases. Based on this stability algorithm
solutions to VLLE problems are readily obtained. The VLLE of the system
diisopropyl ether-isopropyl alcohol-water is sufficiently reproduced for studying

























Figure 2.13: Flowchart of the VLLE algorithm (adopted from [39]).
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Figure 2.14: Isobaric vapor-liquid-liquid equilibrium of the ternary system
DIPE-IPA-W; experimental data [28]: (s) vapor phase, (u) organic





Information on the simultaneous chemical and phase equilibria of the C3- and
C4-hydration systems is important for a general understanding of the reactions
and their course depending on temperature, pressure and reactant feed ratio.
Their influence on the simultaneous chemical and phase equilibria is discussed
and illustrated.
The composition of a reacting mixture at chemical equilibrium can be deter-
mined by minimization of the free (Gibbs) energy of the mixture for a given set
of temperature and pressure. Due to stoichiometries the changes in the amount
of the reacting species can simply be represented by the extent of reaction ε








νiµi = 0 . (2.16)





and introducing eq. (2.17) into eq. (2.2) the partial molar chemical potential
µi of component i can be expressed as
µi = µ0i (T, P 0) +RT ln ai . (2.18)
The reference state for µ0i (T, P 0) and f0i is arbitrary given that the partial
molar fugacity f¯i is calculated with eq. (2.4b). Data for µ0i (T, P 0) at the
reference state of the ideal gas at 1 atm and, commonly at 298.15K, are readily
available in the open literature and the fugacity of the ideal gas reference state
simplifies to f0i = 1 atm. For convenience, the ideal gas at 1 atm and 298.15K
is chosen as reference state. Chemical potentials and enthalpies at this ideal gas
reference state are listed in table 2.6. For the calculation of chemical potentials
at system temperature coefficients of a polynomial temperature function for
ideal gas heat capacities at constant pressure are also provided in table 2.6. A
survey on the necessary computations is given in appendix E.1.2.
Introducing further eq. (2.17) into eq. (2.18) the chemical equilibrium condi-






i (T, P 0) , (2.19)
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Table 2.6: Ideal gas reference enthalpies, free (Gibbs) energies, and polynomial
coefficients for heat capacity temperature function cP /R = a0 + a1T + a2T 2 +
a3T 3 + a4T 4, [40], pp. A.1-A.60.
Comp. href µref a0 a1 a2 a3 a4
kJmol kJmol - ×103 ×105 ×108 ×1011
P 20.0 62.5 3.834 3.893 4.688 −6.013 2.283
1B −0.54 70.37 4.389 7.984 6.143 −8.197 3.165
c2B −7.4 65.46 3.689 19.186 2.23 −3.426 1.256
t2B −11.0 63.34 5.584 −4.89 9.133 −10.975 4.085
IPA −272.7 −173.32 3.334 18.853 3.644 −6.115 2.543
SBA −292.75 −167.71 3.86 28.561 2.728 −5.14 2.117
DIPEa −319.9 −124.8 −3.256 96.097 −8.7 4.644 −1.049
W −241.81 −228.72 4.395 −4.186 1.405 −1.564 0.632
a Cope [41]
The actual algorithm for computing simultaneous phase and chemical equi-
libria is subject to the assumption that the reaction takes place in the aqueous
phase exclusively, provided that two immiscible phases exist at chemical equi-
librium. This assumption is basing on the phenomenon that the aqueous phase
separates the solid catalyst from the organic phase due to the wettability of the
acidic catalyst by the aqueous phase which is superior compared to the organic
phase.
The algorithm is based, primarily, on an inner loop which computes the
compositions and ratio of amount of the formed light phase with respect to
amount feed at phase equilibrium. This loop bases on the Rachford-Rice
algorithm which is described more detailed in section 2.1.2. Secondly, an outer
loop iterates the extent of reaction until a solution for the chemical equilibrium
condition eq. (2.20) is found whereas the r. h. s. of eq. (2.20) is formed using the
activities in the aqueous phase obtained from the phase equilibrium calculations
of the inner loop. It should be noted here, eq. (2.20) is applied repeatedly
according to the number of reactions considered in a chemical equilibrium
calculation. This method for the computation of simultaneous phase and
chemical equilibria is adopted from Walas [1] and found to be fast and robust.
A solution is usually gained by five to eight iterations of the outer loop.
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2.2.1 Results for the C3-Hydration System
Figure 2.15 shows the distribution of the products isopropyl alcohol and diiso-
propyl ether between the two immiscible phases and the extent of reaction for
both, the formation of isopropyl alcohol and diisopropyl ether. For pressures
exceeding 15MPa, the aqueous phase vanishes. It remains a homogeneous
liquid mixture which is of organic nature. The extent of reaction for both,
isopropyl alcohol and diisopropyl ether formation, are practically independent
of pressure. This result is to be expected as the activities in the liquid phases
are almost independent of pressure.
The dependence on temperature is illustrated in fig. 2.16. The extents of
both reactions show the expectable trend of decreasing extent of reaction
with decreasing temperature, but the trends are negligible small. However,
the influence on phase equilibrium compositions is more considerable. The
solubility for isopropyl alcohol in the aqueous phase increases and the diisopropyl
ether content in the organic phase decreases with increasing temperature. The
mixture is a homogeneous liquid for temperatures above 428K.








































Figure 2.15: Distribution of IPA (black) and DIPE (gray) at chemical
equilibrium as function of pressure; (H) aq. phase, (E) org. phase, (–)
extent of reaction ε.
Figure 2.17 illustrates the dependence of chemical and phase equilibria on
reactant feed ratio. The extents of reactions pass through a maximum close to
the stoichiometric feed ratio. At this feed ratio the chemical equilibrium is finally
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Figure 2.16: Distribution of IPA (black) and DIPE (gray) at chemical
equilibrium as function of temperature; (H) aq. phase, (E) org. phase,
(–) extent of reaction ε.
reached for a homogeneous liquid. The selectivity with respect to isopropyl
alcohol at chemical equilibrium is low at this point which means that – following
reactant feed ratios approaching unity – the additionally obtained isopropyl
alcohol is consumed by the formation of diisopropyl ether. In spite of the
increasing extents of reactions the compositions of the coexisting liquid phases
remain constant. This is due to the increasing amount of organic phase which
acts as a storage for isopropyl alcohol and diisopropyl ether. Furthermore, it
can be seen for reactant ratios in the range 10−2 to 10−1 that extent of reaction
and mole fractions of isopropyl alcohol coincide for identically scaled axes,
thereby indicating full conversion of propene.
To summarize, temperature and pressure have only minor impact on yield
and selectivity at chemical equilibrium. The only important effects are the loss
in selectivity when a reactant feed ratio is used which is close to unity and the
transition from a chemical equilibrium in multiple phases to an equilibrium in
a single homogeneous phase.
2.2.2 Results for the C4-Hydration System
The n-butenes (B) consists of the three isomers 1-butene (1B), cis-2-butene













































T = 423 K
P = 9 MPa
IPA
DIPE
Figure 2.17: Distribution of IPA (black) and DIPE (gray) at chemical
equilibrium as function of feed ratio; (H) aqueous phase, (E) organic
phase, (–) extent of reaction ε.
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catalyst as well as the hydration. From the detailed discussion in section 3.1.1 it
can be concluded that the isomerization is remarkably faster than the hydration
reaction and is – applying quasi-stationarity – at equilibrium. Therefore, the
isomerization equilibrium can be incorporated into the chemical equilibrium
constant for the formation of sec-butyl alcohol.
Starting at the common mass action law expressed in activities and in
reciprocal form, and presuming further ideality for the mixture of the isomers







1B + xisoc2B + xisot2B)aBaW
aSBA
. (2.21)
Together with the mass action laws for the hydrations of each n-butene isomer





, k = {1B, c2B, t2B} (2.22)
it is possible to express the hydration equilibrium of an isomer mixture at
equilibrium as a cumulative series of the hydration equilibria for the individual
















The mole fractions in eqs. (2.21) to (2.23) are obtained from an equilibrium
calculation for the isomerization equilibrium.
Using this chemical equilibrium constant the following results for the chem-
ical equilibrium simulations of the sec-butyl alcohol formation are obtained.
Generally speaking, the results for the C4-hydration system are similar to those
obtained for the C3-hydration system. In figs. 2.18 and 2.19, the extent of
reaction depends apparently stronger on pressure and temperature as for the
C3-hydration system, but it should be noted here that the axis limits are as
narrow as 8× 10−3 and 2× 10−3, respectively.
Figure 2.20 depicts the simulated dependency of equilibrium compositions and
extent of reaction on reactant feed ratios. In these simulations the formation of
di-sec-butyl ether is neglected. This is justified in section 3.4.2. From fig. 2.20
it might be deduced that a single phase operation is beneficial due to the high
sec-butyl alcohol yield. But, for the single phase region the mentioned neglect
is not valid, even more is a dramatic oversimplification. At relatively high
sec-butyl alcohol concentrations the formation of di-sec-butyl ether increases
drastically, similar to the C3-hydration system, illustrated in fig. 2.17. Hence,
for sec-butyl alcohol synthesis, the single phase situation shown in fig. 2.20
38
2.2 Chemical Equilibria































Figure 2.18: Distribution of SBA at chemical equilibrium as function of
pressure; (H) aqueous phase, (E) organic phase, (–) extent of reaction
ε.































Figure 2.19: Distribution of SBA at chemical equilibrium as function
of temperature; (H) aqueous phase, (E) organic phase, (–) extent of
reaction ε.
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T = 423 K
P = 6 MPa
Figure 2.20: Distribution of SBA at chemical equilibrium as function of
feed ratio; (H) aqueous phase, (E) organic phase, (–) extent of reaction
ε.
2.3 Multicomponent Mass Transfer
The generalized Maxwell-Stefan equations (GMS) have been chosen to de-
scribe multicomponent mass transfer in nonideal fluid mixtures. As shown by
many examples (cf. Krishna and Wesselingh [42]), the GMS confirm experi-
mentally observed phenomena of multicomponent systems which are:
i) reverse diffusion of a component against its concentration gradient,
ii) osmotic diffusion of a component in the absence of a concentration
gradient, and
iii) diffusion barrier which means no transport of a component occurs al-
though its concentration gradient is nonzero.
Since these diffusional coupling effects are significant for liquid-liquid extrac-
tion systems as demonstrated experimentally and theoretically by Krishna et al.
[43] and others (e. g. Haeberl and Blass [44], Uribe-Ramirez and Korchinsky
40
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[45]), the GMS seem to be sufficient for the simulation of multicomponent
extraction processes.
Following the detailed survey of Taylor and Krishna [46], a brief outline of
the model equations used in this work is given. Neglecting external body forces
but taking into account chemical potential gradients which should be a valid
assumption for non-electrolytic mixtures processed by conventional extraction
equipment, e. g., towers equipped with trays or structured packing, the film









, i = 1, 2, . . . , nc − 1 , (2.24)
with Ði,j the matrix of Maxwell-Stefan diffusivities, ct the total molar
concentration of the mixture, Ni the molar flux of component i, and ∇T,Pµi, the
isothermal and isobaric partial molar chemical potential gradient of component
i. Only nc − 1 of the equations in eq. (2.24) are independent due to the
Gibbs-Duhem restriction that the sum of all chemical potentials during their





dz = 0 . (2.25)











∇xj , i = 1, 2, . . . , nc − 1 (2.26a)
with
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where δi,j is the Kronecker delta defined by
δi,j =
1 if i = j0 if i 6= j . (2.26e)
Introducing the matrix of thermodynamic factors, Γi,j ,
Γi,j = δi,j + xi
∂ ln ϕ¯i
∂xj
, i, j = 1, 2, . . . , nc − 1 (2.27)















Employing the steady state film model, eq. (2.24) reduces to a system of one-
dimensional ordinary differential equations (ODE) describing the composition



























where δ is the thickness of the film layer which must be estimated from
appropriate fluid dynamic models. In this work, the model of Ruivo et al.
[47] for a structured packing of the corrugated sheet type is employed, which is
a modification to supercritical extraction of the mass transfer model of Rocha
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et al. [48] for distillation. The film thickness is combined with diffusivities to




, i, j = 1, 2, . . . , nc − 1 . (2.32)
The final working form of the multicomponent film model equations results










2.3.1 Mathematical Model Implementation
The multicomponent film model equations, eq. (2.33), are implemented making
the following assumptions:
i) the transport is in steady state, no accumulation or reaction of mass
occurs in the films or at the interface,
ii) the mass transfer takes place under isothermal and isobaric conditions,
iii) the films are in equilibrium at the interface, and
iv) the equilibrium compositions at the interface are allowed to change
dynamically during the extraction process.
From assumption (i), it is derived that the fluxes in both films surrounding the
interface must be equal
Ni = NL1i = NL2i (2.34)
and the fluxes remain constant throughout the thickness of the film layer
dNi
dλ = 0 , i = 1, 2, . . . , nc (2.35)
where the superscripts L1 and L2 denote the organic and aqueous films, respec-
tively. The two regions, namely the two films, may be folded at the interface
to give one region for both the organic and the aqueous films whereby, on one
hand, this region borders on the bulk phases and, on the other, it borders
on the interface. When we further assume a positive flux to represent mass
transfer from the organic into the aqueous phase, eq. (2.34) is cast into
Ni = NL1i = −NL2i (2.36)
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Equation (2.35) and eq. (2.37) form a set of 3(nc−1) + 1 ordinary differential
equations which are subject to the following boundary conditions:
xL1i,λ=1 = x′i , i = 1, 2, . . . , nc − 1 (2.38a)
xL2i,λ=1 = x′′i , i = 1, 2, . . . , nc − 1 (2.38b)
xL1i,λ=0 = KixL2i,λ=0 , i = 1, 2, . . . , nc (2.38c)
with Ki being the liquid-liquid distribution coefficient computed with the
equilibrium model, i. e. VTPR-EoS. The molar equilibrium compositions at the
interface, xi,λ=0, may vary during an extraction process.
The property methods used for the estimation of diffusion coefficients at
infinite dilution (Poling et al. [40]), the composition dependence of diffusivities,
and viscosities (Martins et al. [49]) are listed in table 2.7. Krishna and van Baten
[50, 51] recently investigated the composition dependence of self diffusivities
in comparative experimental and molecular dynamics-based modeling studies
on multicomponent mixtures. The authors used the Darken relation for
obtaining multicomponent liquid-phase Maxwell-Stefan diffusivities from
self diffusivities, which is also applied in this work.
In a series of papers [52–54], Krishna, Taylor, and their co-workers propose
the so-called nonequilibrium cell model and demonstrate its application to
reactive distillation, heterogeneous azeotropic distillation, and to a structured
catalytically packed bed reactor. They use different implementations of the
transport relation, eq. (2.24), depending on the simulation of steady state or
dynamic operation. For the case of a steady state simulation, the chemical
potential gradient of eq. (2.24) is approximated by finite differences. In contrast,
the numerical solution strategy proposed here is based on the transformation
of a multipoint boundary value problem (BVP) into a twopoint BVP, which
is then solved by collocation. The model has been implemented in a package
44
2.3 Multicomponent Mass Transfer
Table 2.7: Property methods used for mass transfer simulations.
Property Method Ref.
Diffusivities at infinite solution
Ð◦i,j
Tyn and Calus [40]
Multicomponent diffusivities
Ði,j
Darken relation [50, 51]
Dynamic viscosity ηi Eyring [49]
Mass transfer coefficients κi,j Corrugated sheet packing [47]
of Matlab™ subroutines using the solver bvp4c (BVP for collocation) to
compute the composition profiles in the films and the fluxes which are needed
in the mass balances describing the actual extraction equipment.
2.3.2 Results
For the sake of conciseness, only results for the ternary system propene-isopropyl
alcohol-water, as an example for an alkene-hydration reaction system, are pre-
sented here. This class of equilibrium reactions might be advantageously carried
out in multifunctional reactors which offer improved yields by simultaneous
product removal from the catalyst wetting aqueous phase. For the extraction
of the product, no supplementary solvent is needed because the organic extract
phase is already formed by the reactant, here: propene. Another important
aspect is the water content of the organic extract phase with respect to a less
energy-demanding product recovery process. If the water content could be
sufficiently limited, a pre-concentration prior to heteroazeotropic drying would
then become dispensable. It is therefore necessary to study the mass transport
mechanisms in this heterogeneous reactive extraction system.
Figure 2.21 shows results for a simulation of the composition profiles in
either film layer, where pure propene is contacted with an aqueous solution
containing 20mol% isopropyl alcohol at 428.15K and 9.5MPa. The fluxes





showing transport of propene into the aqueous phase, and extraction of isopropyl
alcohol and water by the organic phase. Furthermore, in the aqueous film, water
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Figure 2.21: Concentration profiles in the films around the liquid-liquid
interface of the ternary system P-IPA-W.
is diffusing against its concentration gradient, which is known as reverse diffusion.
In this simulation, we rigorously considered the composition dependence of
the Maxwell-Stefan diffusion coefficients, Ði,j , thermodynamic factors, Γi,j ,
and the total concentration, ct, along the diffusion path. The concentration
profiles are, however, nearly linear. According to Krishna [55], keeping these
parameters constant over the diffusion path can, in many cases of technical
relevance, lead to sufficiently accurate results. Nevertheless, the validity of this
assumption should always be checked experimentally.
The transport of propene in the aqueous film exhibits some interesting
characteristics. Figure 2.22 shows the course of the molar flux for propene
during the equilibration process and concentration profiles for propene in the
aqueous film at 5 selected points from the course of the molar flux of propene
during equilibration. Profile (a) at the beginning of the process shows a slight
maximum in the vicinity of the interface. The corresponding molar flux is
positive. In this situation, the transport of propene is, therefore, controlled
by a sequence of the mechanisms, reverse diffusion, osmotic diffusion, and
normal diffusion. Profile (b) is controlled only by reverse diffusion. At the
next point, (c), the maximum concentration of propene in the aqueous phase
is reached and propene is forced to move back into the organic phase before
46
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the binodal curve is reached (see fig. 2.23). This situation remains until
point (e) is reached and the equilibration is finished. Point (d) marks the


















































Figure 2.22: Molar flux of P, NP, during equilibration (left); concentration
profiles in the aqueous film for P at 5 different times (Ha, Hb, Hc, Hd,
He) (right).
current extraction process are obtained in a column equipped with a structured
packing. For convenience, neither fluid dynamics and related mass transfer
coefficient correlations are discussed in detail here nor any geometric data
for the structured packing of the corrugated sheet type, which is considered
here, are given. Diaz and Brignole [56] present several papers in their review
that deal with fluid dynamics and correlations for mass transfer coefficients
for miscellaneous random and structured packing types. Hence, the discussion
is more focused on extraction paths, concentration profiles in the films, and
related diffusional coupling effects. Figure 2.23 shows extraction trajectories
for both phases approaching the binodal curve which surrounds the region of
liquid instabilities. The curvilinear extraction paths cannot be explained by a
pseudo-binary diffusion model for interphase mass transfer. Initially, contacting
the above mentioned phases, the matrices of mass transfer coefficients, [κ′] and
47



























































Figure 2.23: Equilibration trajectories at 428.15K and 9.5MPa for an
aqueous solution containing 20mol% IPA and pure supercritical P; ()
initial compositions, (u) end of equilibration.
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The matrices of transport coefficients, [κ′] and [κ′′], are diagonal but the
matrices of thermodynamic factors, [Γ′] and [Γ′′], are strongly nondiagonal.
This emphasizes that the diffusional coupling effects are caused by the strongly
nonideal thermodynamics of the system presented here. The result in eq. (2.39)
reports an 8-times higher molar flux for the transport of isopropyl alcohol than
for transport of water into the organic extract phase. From fig. 2.24, it can
be seen that the two consecutive steps between the points, I-III, represent the
same contacting time.
Taking these circumstances into account, it is important to control the res-
idence time in an extraction column in order to minimize the water content
of the extract phase, which might be of interest when isopropyl alcohol is
being purified. Considering that diffusional coupling affects mass transfer, the
simulation approach presented here is a useful tool for the design of super-
critical or liquid extraction processes, as well as for optimization and process
intensification studies. Further information on the presented model is provided
by Pfeuffer et al. [57].
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This chapter describes the experiments which have been undertaken during
this work. The objective of the experimental work is the exploration of the
reaction kinetics of the hydration of linear C3- and C4-alkenes using an acidic
ion exchange resin as catalyst.
Starting at some preliminaries on further work on kinetics in this field
and some fundamental aspects of reaction conditions the following sections
describe properties of the used acidic ion exchange resin and reactants, reaction
networks, experimental equipment, procedures, and particularly the important
fluid dynamic characterization of the equipment. Finally, the results from the
experiments, discussion and rate model development are presented.
3.1 Preliminaries
Since the works of Petrus et al. [1, 2], Klein and Widdecke [3] no kinetic
data related to the hydration of propene and n-butenes were published. Both
research groups studied the rates of alkene hydration with alkene-saturated
aqueous feeds in fixed bed tubular reactors. This approach is hardly comparable
with the real system which comprises mass transfer of all components between
the two immiscible phases. The amount of converted alkene is low because of
the very limited solubility of linear alkenes in water (P: 1.0mol%, B: 0.1mol%)
and the authors do not state if the aqueous inlet feed was checked for saturation
with the alkene. It is for this reason why the studies reported by this work
were conducted in a multiphase continuously stirred tank reactor (CSTR).
More recently, Mahajani et al. [4, 5] compared zeolite and acidic ion exchange
resin (Amberlyst 15™) catalysts for alkene hydration purposes. They found
the zeolite catalyst to be more active than the ion exchange resin catalyst, but
the activity of the zeolite catalyst decreases dramatically with time. However,
Amberlyst 15 is not sufficiently stable for alkene hydration because, from an
economical point of view, its usability is limited to a temperature of 120 ◦C.
In a series of papers Panneman and Beenackers [6–9] investigated the effect
of sulfolane as a solubility promoting agent on reaction kinetics and equilibria
in the acidic ion exchange resin catalyzed liquid phase hydration of cyclohexene.
Although the macrokinetic rate is enhanced remarkably, by adding sulfolane
to an extent of 60mol% to 90mol% the observed equilibrium conversion is
decreased by a factor of 3 to 6. Because of the disadvantageous effect on
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equilibrium conversion an industrial application of such an expensive co-solvent
is rather not conceivable. Nevertheless, other co-solvents may be more suitable
and screening of co-solvents may be a promising way for further improvements
in liquid phase olefin hydration processes. Anyway, this study does not consider
the use of co-solvents at all.
Heese et al. [10, 11] investigated the formation of diisopropyl ether as fuel
oxygenate (octane enhancer). They used Amberlyst 15™ as catalyst for their
study. As reactants stoichiometric mixtures of P/W and P/IPA were employed.
Unfortunately, the authors provide the reader neither with a kinetic model nor
tabulated experimental data. Hence, their work can only be comprehended
qualitatively.
The reactants alkenes and water are nearly immiscible and due to the
hydrophilic nature of the acidic ion exchange resin only the aqueous phase wets
the catalyst. The liquid or liquid-like supercritical state of the alkenes can be
maintained by a pressure of 4.5MPa which is slightly above the critical pressure
of the alkenes. However, in order to maximize the amount of dissolved reactant
alkene in the aqueous phase pressures up to 10MPa are applied. In fact, for
the typical range of reaction conditions the density of liquid or supercritical
alkenes, respectively, is a considerable function of temperature and pressure
(cf. Ihmels et al. [12]), especially for supercritical alkenes. This affects also the
solubility in water. The reaction product alcohol is formed in the aqueous pore
liquid of the catalyst, and is transferred through the aqueous bulk phase into
the organic phase. That means the alkenes are reactants as well as extractants.
The simultaneous extraction of alcohol from the reacting aqueous phase is a
beneficial feature with respect to selectivity, reaction kinetics, and the limitation
on equilibrium conversion. This aspect is analyzed by simultaneous phase and
chemical equilibrium calculations in chapter 2.
3.1.1 Reaction Networks
The principle chemical reaction mechanism is described detailed in section 1.2.
All reactions are equilibrium reactions which is already analyzed in section 2.2.
Figure 3.1 shows the reaction network of the C3-hydration system. Consid-
ering propene as the starting point of the reaction the formation of isopropyl
alcohol by addition of water to propene is accompanied by two consecutive
paths for the formation of the by-product diisopropyl ether. One path is the
condensation reaction of two isopropyl alcohol molecules which will produce one
molecule of diisopropyl ether and one of water. The other route to diisopropyl
ether is the reaction between propene and isopropyl alcohol.
The reaction network of the C4-hydration system is generally very similar
to the C3-hydration system. Also here the formation of sec-butyl alcohol from
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Figure 3.1: Reaction network of the C3-hydration system.
formation of diisopropyl ether. But, as the linear C4-alkenes comprise three
isomers 1-butene, cis-2-butene, and trans-2-butene, the simultaneously pro-
ceeding isomerization must be considered. The formation of sec-butyl alcohol
and di-sec-butyl ether can originate from each of the C4-alkene isomers. The
C4-hydration network is illustrated in fig. 3.2.
3.1.2 Properties of the Ion Exchange Resin Catalyst
For many years the major drawback for the application of ion exchange resins
for the hydration of linear alkenes was the limited thermal stability. But,
nowadays improved resins are available which can be operated at temperatures
exceeding 420K (e. g. Amberlyst 70™, Amberlyst DT™, Rohm & Haas).
For these resins no kinetic data for the hydration of linear C3- and C4-alkenes
are available from public literature resources. In this study Amberlyst DT™
is used as catalyst whereas no differences in the ion exchange capacity related
activity of both catalysts Amberlyst DT™ and Amberlyst 70™ could be
found by a few comparative measurements.
However, even these for high temperatures improved ion exchange resin
catalysts show deactivation caused by a logarithmically decaying loss of acid
sites. The deactivation of acidic ion exchange resin catalysts has been studied
by Petrus et al. [13] for various commercially available resins. Figure 3.3 shows
a typical course for the ion exchange capacity loss for Amberlyst DT™ as
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Figure 3.2: Reaction network of the C4-hydration system.
period of using the catalyst for kinetic experiments within its life cycle is
illustrated as well. A further loss of the ion exchange capacity during the period
of usage for the kinetic investigations could not be found by according capacity
measurements prior to and after the experiments.
In order to obtain reliable kinetic data not being influenced by catalyst
deactivation an already employed catalyst sample from an industrial unit is
employed. This sample has a run time of 130 days. After this period no further
significant catalyst deactivation occurs. In an industrial plant the catalyst lasts
for more than one year. Detailed data of the used catalyst sample are compiled
in table 3.1.
Table 3.1: Properties of Amberlyst DT™ (water-swollen state, after
130d run-time, own measurements).
Manufacturer Rohm & Haas
Structure macroporous
Particle size fraction (wet) 0.5mm to 0.7mm
SO3H-concentration (wet) 1.1 eq/kg
Density (wet) 1150 kg/m3cat
Water content approx. 50wt%˙
Acidic ion exchange resins are subject to swelling in polar solvents whereas
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Figure 3.3: Loss of ion exchange capacity as function of time on stream.
The gray colored part highlights the period in which the catalyst was
used for experiments. Experimental data from [14].
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water as common solvent shows the strongest polarity and marks the maximum
extent of swelling for an acidic ion exchange resin. As can be deduced from
table 3.1 the wet acidic ion exchange resin contains as much as 50wt%˙ water.
For practical situations where reactions are processed with acidic ion exchange
resins in solvent-reactant mixtures with widely varying compositions swelling
is a serious issue.
However, in the case of this work, where an aqueous phase co-exists together
with an organic phase, the catalyst is preferentially wetted by the aqueous phase
which usually contains more than 95mol% water. As a result, the catalyst is
no subject to changing states of swelling.
The very intensive uptake of water by the acidic ion exchange resin leads to a
change in the catalytic mechanism. In relatively unpolar solvents the acid sites
remain bonded to the polymer matrix of the resin. The sites are not shielded by
attracted solvent molecules, so the sites are easily accessible for the reactants
and the activity of the polymer bonded acid sites is several times stronger than
in water dissolved oxonium ions. This case is referred to as general catalysis.
If the acidic ion exchange resin is saturated with water or similar polar
species, e. g. methanol, the acid sites become obviously solvated by the polar
solvent molecules. At such conditions, the activity is comparable with that of
dissolved oxonium ions. This is referred to as specific catalysis and is the case
for the systems studied in this work. A comprehensive survey on the properties
of acidic ion exchange resins provides Pitochelli [15].
3.2 Equipment
3.2.1 Laboratory Plant for High Pressure Multiphase Kinetic
Experiments
For the kinetic investigation of olefin hydration a special CSTR was developed.
This reactor (100 cm3 excluding internals) can be operated up to 10MPa and
500K. The catalyst is arranged in two spinning baskets (max. total catalyst
load (wet): 5.5 g) on the stirrer shaft (fig. 3.4), which is based on the well
known concept introduced by Carberry [16]. The stirrer drive is linked via
magnetic coupling thus avoiding any shaft sealing. All equipment is made of
stainless steel; gaskets are either made of polymers (PTFE,FFKM/FFPM) or
metal (gold, copper, stainless steel).
Measurement and control of the whole experimental setup is managed via a
National Instruments Fieldpoint™ programmable automation controller
and a computer which are both based on the system control software package
National Instruments Labview™. The clearance between the two catalyst
baskets – in combination with two oppositely aligned Sitec™ sapphire windows







(dmesh = 0.4 mm)
stainless steel
basket body
Figure 3.4: Modified Carberry reactor (clearance between spinning
catalyst baskets provides a free view across the reactor).
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the hold-up ratio of the two immiscible liquid phases. Figure 3.5 shows the
essential parts of the experimental setup.
The reactant alkene is dosed into the reactor by means of a Varian SD-1™
high pressure piston pump (1b). A second pump (1a) of the same type is used
for dosing the reactant water or mixtures of water with the product alcohol,
respectively. Both pumps are high precision metering devices.
The reactor has an upper and a lower outlet in order to allow for hold-up
control of both liquid phases. Two alternately switching magnetic valves (3a,b)
control the hold-up ratio by an appropriate switch timing (on-off ratio). For a
particular experiment, an appropriate on-off ratio needs to be found by trial
and error. To check this, the stirrer turbine is stopped temporarily and the
on-off ratio is adjusted accordingly. Once a ratio is found which keeps the
hold-up at the desired level and steady state operation has been achieved, the
system is ready for measurements of the actual experiment with a continuously
running stirrer. Furthermore, the hold-up can be maintained independently
from the residence time of each phase. The total reactor eﬄuent flows to the
decanter(4) (50 cm3) where it is separated into an organic and an aqueous
phase. The organic phase has the lower density. The decanter is necessary to
provide the analytical system with settled phases. Both phases can be analyzed
simultaneously by gas chromatography. The decanter is equipped with two
aligned Schott Maxos™ borosilicate windows (4a) for observation of the
liquid-liquid interface. The interface in the decanter is observed by a camera.
With the help of image processing it is possible to locate the position of the
liquid-liquid interface. This information is used to control the decanter hold-up
with the magnetic valves (6a,b).
The gas chromatographic analysis of all components – in combination with
the known feed streams – permits a detailed reactor balance. Nevertheless, the
balance is checked additionally by measuring the aqueous eﬄuent mass flow
with a Bronkhorst Coriflow™ mass flow meter. Both phases are then
merged and depressurized. The formed gas is flared whereas the remaining
liquid is sent to the laboratory waste disposal.
Two rapid online sample injector (ROLSI) (supplied by LTP GmbH Olden-
burg) high pressure online-sampling devices are used to supply the Hewlett-
Packard 5890™ gas chromatograph with samples. These sampling devices
provide small liquid samples (mm3 domain) which are instantaneously evap-
orated into the carrier gas (helium) afterwards. The gas chromatograph is
equipped with two capillary columns for independent analysis of samples from
both phases (C3-hydration: poly(ethylene glycol), Supelco Carbowax 20M™;
C4-hydration: poly(dimethyl siloxane), Supelco SPB-1™). The separated
species are completely quantified by two thermal conductivity detectors. Re-








































































































Figure 3.6: Picture of the main parts of the laboratory plant for kinetic
measurements of systems with multiple liquid phases.
In an earlier work on the kinetics of the ion exchange resin catalyzed hydration
of n-butenes, Petre [17] also used the previously described reactor. But, no
decanter was used for the separation of phases, samples for gas chromatography
were only taken from the organic phase, no mass flow measurement was available
and a single pump was used to feed the separating liquid reactants into the
reactor. The feeding of reactants was irreproducible and due to the missing
mass flow measurement in either reactor eﬄuent phase and composition analysis
of the aqueous reactor eﬄuent, respectively, a proper mass balancing of the
reactor was practically impossible. In the new multiphase reactor setup these
problems are completely resolved and a reliable investigation of the kinetics is
now possible.
3.2.2 Residence Time Distribution and Reactor Balance
The development of a rate equation requires a verified model for the laboratory
reactor. This is conducted by residence time distribution (RTD) experiments.
In principle both phases should be fed and characterized. But, as the aqueous
phase is exclusively in contact with the catalyst, and as its viscosity is higher
than that of the organic phase, only the residence time of the aqueous phase is
analyzed. Initially, alkenes are fed into the water-filled reactor. The feeding of
alkenes is stopped after reaching a hold-up of 50%. Then, the aqueous phase
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is continuously fed into the reactor while only the lower reactor outlet is used.
Tracer concentrations are measured by a Mettler Toledo ReactIR 4000™
FTIR-ATR spectrometer. A self-designed flow cell with a small detector volume








Figure 3.7: Flow cell for RTD measurements.
As infrared detectable tracer sodium acetate is used. Sodium acetate is an
easily water soluble salt which is not transferred into the organic phase. This is
essential for obtaining reliable phase-specific RTD data. An aqueous solution
containing 6.5mol/dm3 sodium acetate as tracer is injected by a HPLC-sample
injection valve with a sample loop of 10 cm3. Figure 3.8 shows a flow chart of
the RTD test rig. In addition to the output signal the input signal is measured
as well (fig. 3.9). The measured input signal is described by a cubic spline
interpolation for mathematical representation. This spline function is used as
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Figure 3.9: Flow chart of the RTD test rig as set-up for reactor test signal
acquisition.
The dynamic CSTR material balance is used for the prediction of an ex-
pectable tracer response for a given tracer input signal. The obtained tracer
response is given in fig. 3.10 and fits the measured data points exactly. Measured
data and the cubic spline curve of the inlet signal are also given in fig. 3.10.
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Figure 3.10: Observed and calculated input and output tracer signals in
residence time distribution analysis of aqueous phase.
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As the ideal flow behavior of the used CSTR is proofed by the undertaken
RTD experiments the observed reaction rate can reasonably be obtained from
the following set of equations representing time-invariant material balances of
a multiphase CSTR:
Organic phase
M ′i ≡ F ′i − x′iE′ − NIi = 0 , i = 1, 2, . . . , nc (3.2a)
Aqueous phase
M ′′i ≡ F ′′i − x′′i E′′ + NIi + νirobs = 0 , i = 1, 2, . . . , nc (3.2b)
In eq. (3.2) ′, ′′ denote the organic and the aqueous phase, respectively.
Fi is the feed flow of component i in either phase, xi is the mole fraction of
component i in either phase measured by gas chromatography, E is the total
exit flow of either phase, νi is the stoichiometric coefficient of component i, and
robs,global is the observed global rate of the hydration reaction. The rate term
appears only in eq. (3.2b) as only the aqueous phase wets the ion exchange
resin due to its hydrophilic surface. NIi denotes the interfacial mass transfer
rate of component i, whereas a positive value indicates mass transfer from the
organic to the aqueous phase. Equation (3.2) are coupled by the interfacial
mass transfer rate. If at least not a single total eﬄuent stream is measured the
component reactor eﬄuent streams can implicitly be calculated by solving this
linear system of equations. This procedure has the advantage of excluding an
additional experimental uncertainty by a mass flow measurement. However, as
declared in section 3.2.1, the redundant mass flow measurement of the aqueous
reactor eﬄuent stream is used to indicate unstable operation of the reactor.
3.3 Procedures
3.3.1 Exclusion of mass transfer limitations
Overall 18 (9 for each reaction system) experimental series with varying stirring
speed are performed to investigate the external mass transfer influence. It is
found, by studying the dependence of the reaction rate on stirring speed in
the range 300/min to 900/min and by varying the temperature in the range
393K to 433K that a rotational frequency of 1000/min is sufficient to exclude
interparticle and liquid-liquid interface mass transfer limitations for both reac-
tion systems in the mentioned temperature range. Exemplary results for the
C4-hydration system are provided in fig. 3.11. It is found that the diffusive
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mass transfer in the films surrounding the liquid-liquid interphase and in the
Nernst-layer around the catalyst bead (hypothetical film layer in which mass
transfer between bulk of fluid phase and catalyst surface is provided by diffusion
only) determines the overall rate of reaction up to a rotational frequency of
900/min.

































Figure 3.11: Test results for external mass transfer limitations (Nernst-
layer around catalyst bead and interphase mass transfer) in the C4-
hydration system; observed rate as function of stirring speed.
Intraparticle mass transfer was also studied by varying the particle size in
the range 0.5mm to 1.2mm and temperature in the range 393K to 413K. For
a catalyst particle diameter fraction of 0.5mm to 0.7mm and a capacity of the
water-saturated acid ion exchange catalyst of 1.1 eq/kg no intra particle diffusion
limitations are observed for temperatures up to 413K. For the experimental
test of internal mass transfer limitations exemplary results for the C4-hydration
system are depicted in fig. 3.12.
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Figure 3.12: Test results for internal mass transfer limitations in the C4-





This study comprises 36 experimental runs for the investigation of the microki-
netics of the C3-hydration system and 24 experimental runs for the investigation
of the microkinetics of the C4-hydration system, where each run consists of
at least 40 repeated determinations, i. e. at least 40 samples are taken for
gas chromatographic analysis from each phase. 3 experimental runs in the
C4-hydration system are carried out under intraparticle mass transfer influence.
For the C3-hydration system experiments influenced by mass transfer were not
conducted.
Each run is started by filling the reactor with water at ambient temperature
until the desired pressure is reached. The stirring is started and the dosage of
water or water/alcohol mixtures, respectively, is continued. Then the heating of
the reactor is initiated. During reactor heat-up the dosage of the liquid alkenes
is also started. In all runs the hold-up ratio is 1:1 by volume and the flow rate
for each reactant mixture is fixed to 0.5 cm3/min or 1 cm3/min, respectively.
The used catalyst amount is 4.5 g to 5.5 g (wet) at an ion exchange capacity
of 1.1 eq/kg. To ensure steady state operation the first experiment is taken
after a period of 12 h. Temperature is varied within the range 398K to 433K,
whereas pressure is set to 6MPa and 8MPa, respectively, using a manually
driven back pressure regulator(Tescom 26-1700™).
The influence of product concentration on the reaction rates is studied us-
ing 6 different inlet concentrations (0.0mol%, 1.0mol%, 3.0mol%, 5.0mol%,
10.0mol% and 20.0mol%) of isopropyl alcohol and 4 different inlet concentra-
tions (0.0mol%, 0.5mol%, 1.5mol% and 2.5mol%) of sec-butyl alcohol, both
with respect to the aqueous feed stream. The actual aqueous phase concentra-
tions of the alcohols at steady state are much lower due to the simultaneous
extraction of the alcohols by the organic phase. Setting the concentrations of
alkenes and water in the reactor – relevant for the rate – cannot be achieved
by simple adjustment of feed ratio because the concentrations in the coexisting
liquids are primarily governed by phase equilibria. The influence of the phase
split on each phase composition causes restrictions on the variation of reactant
concentrations in an experiment. At least the product concentration can be
varied due to full miscibility of the product with each reactant at typical reac-
tion conditions. But, the limited mutual miscibility of the reactants determines
their actual concentrations in either phase. Nevertheless, in order to obtain
reasonably measurable product yields, which is hardly achievable if an alkene
saturated single aqueous phase is used, the experiments were conducted in the




Water is purified by ion exchange (conductivity < 5µS). Propene is supplied
by Linde as Propen 2.5 having a purity of ≥ 99.5%. The kinetic experiments
for the hydration of n-butenes are conducted using an industrial n-butenes
feedstock, supplied by Sasol Solvents Germany. The composition of this
feedstock is provided in table 3.2.






Isopropyl alcohol and sec-butyl alcohol are of analytical grade, supplied by
Fluka with a purity of ≥ 99%. Diisopropyl ether and di-sec-butyl ether are
supplied by Sasol Solvents Germany having a purity of ≥ 97%.
3.4 Results
3.4.1 Microkinetics of the C3-hydration system
The experimental kinetic data for the C3-hydration system, which are obtained
under exclusion of mass transfer limitations, are used for the development of a
rate model. All experimental data and corresponding reaction conditions are
compiled in table C.1.
The following assumptions are made during development of the rate equation:
i) the chemical reaction is the rate limiting step as mikrokinetic rate data
are used for parameter adjustment,
ii) the reaction takes place in the water swollen gel phase of the ion exchange
resin,
iii) the catalytically active acid sites are completely hydrated by water
molecules, and
iv) the solvated protons remain locally associated to their polymer-bonded
counterions (cf. Helfferich [18], pp. 14-16).
Generally, it can be assumed for the chemical equilibrium and the reaction
kinetics that the reaction takes place in the water swollen gel phase of the
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catalyst microspheres. Due to the large excess of water in the gel phase the
compositions in the gel phase, in the macropore fluid, and in the catalyst
surrounding aqueous phase are assumed to be identical. Attempts to use
heterogeneous models (i. e. Langmuir-Hinshelwood, Eley-Riedel) failed
because the sorption constants, which were gained from accordant adjustment
calculations, were accompanied by confidence intervals having the same order
of magnitude as their corresponding model parameters. This result confirms
that an equilibrium distribution of the components between the macropore
fluid and the fluid mixture in the gel phase of the microspheres does not exist.
Furthermore, solvation of the acid protons is well known to occur in the
presence of strongly polar solvents (i. e. water, alcohols). This special case
of catalysis in an acidic ion exchange resin is referred to as specific catalysis,
whereas in the case of general catalysis, i. e. in the presence of an unpolar
solvent, the acid protons remain polymer-bonded (Chakrabarti and Sharma
[19]). Gates and Rodriguez [20] experimentally demonstrated the difference
between specific and general catalysis for the dehydration of tertiary butyl
alcohol with an acidic ion exchange resin. In addition, polymer-bonded acid
protons are catalytically more active than hydrated protons. The work of
Rehfinger and Hoffmann [21] on the kinetics of methyl tertiary butyl ether
synthesis from methanol and isobutene confirms this behavior also. They
found the reaction rate to decrease with increasing methanol concentration
which is explained by an increasing degree of solvation of protons. If water is
present only at infinite dilution the selectivity shifts towards the formation of
diisopropyl ether, oligomers and other byproducts. Hence, the catalyst is less
active when excessive amounts of water are present within the catalyst, but the
selectivity for the hydration reaction is superior under these conditions. As a
result, the hydration reaction proceeds in a pseudo-homogeneous manner when
the catalyst is wetted by an aqueous phase.
From data fitting attempts wherein all three reaction pathes are considered
it was concluded that the reaction network – the basis for the rate model
development – can be simplified as is shown in fig. 3.13.
When both routes for the formation of diisopropyl ether are considered for
data fitting purposes the resulting confidence intervals of the rate model param-
eters of the diisopropyl ether formation reactions are unacceptably large. Hence,
the system is obviously over-determined for the limited range of experimental
conditions. As this work considers only multiphase operation, whereas the
reaction takes place in a low propene containing environment, a concentration
range at which the concentration of propene reaches a similar extent as the
isopropyl alcohol concentration is not available. This leads to the presumption
that only one reaction path is significant here. Testing this by trying to fit
the experimental data alternatively to rate equations for both reaction pathes
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Figure 3.13: Reduced reaction network for the C3-hydration system (grey
colored reaction path is insignificant for IPA formation in aqueous
reaction mixtures).
isopropyl alcohol molecules. The other reaction path, wherein propene reacts
with isopropyl alcohol forming diisopropyl ether, may become important when
the reaction is no longer proceeding under excess of water with very low propene
concentrations. At relatively high isopropyl alcohol concentrations, the reaction
mixture is a homogeneous liquid and the concentration of propene can be varied
over wide ranges. This situation is possible if the objective is the production of
diisopropyl ether, not isopropyl alcohol.
Both reactions, the formation of isopropyl alcohol from propene and water
and the formation of diisopropyl ether and water from two isopropyl alco-
hol molecules are sufficiently described by the following pseudo-homogeneous
reaction rate laws expressed in aqueous phase activities





















In eq. (3.3), k+ is the rate constant of the forward reaction in mmolIPA/(eq s)
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which is a function of temperature according to the Arrhenius equation






The pre-exponential factors k0+ and the activation energies Ea are used for
adjustment calculations of the reaction rate models. The obtained parameter
values and approximate individual confidence intervals for both reactions (IPA
and DIPE) are given in tables 3.3 and 3.4. The activities in eq. (3.3) are
defined by eq. (2.17). As the heats of reaction are only weak functions of the
temperature, at least for the considered range of temperatures, the computation
of Ka is simplified by applying the van’t Hoff equation which describes the

















The reference value of the equilibrium constant at 398K K398a and the reaction
enthalpy for both reactions (IPA and DIPE) are also listed in tables 3.3 and 3.4.
The residuals of the model-experiment comparison are symmetrically dis-
tributed and the distribution exhibits a gaussian-like shape (fig. 3.14). This
confirms the general adequacy of the developed rate model with respect to
reproduction of the experimental data.
Equation (3.3a) shows the rate of the forward reaction to be first order with
respect to the activities of propene and water and that of the reverse reaction
to be first order with respect to the activity of isopropyl alcohol. The order of
the activity of water has no kinetic significance as water is always excessively
present in the polymer network of the acidic ion exchange resin, and thus, could
generally be eliminated from the left term of eq. (3.3a).
However, elimination of the activity of water would mean dividing the entire
eq. (3.3a) by the activity of water to keep this reversible rate expression
consistent with respect to chemical equilibrium. The equilibrium constant
would be subject to a modification if the activity of water is canceled from the
rate equation. In order to preserve the generality of the chemical equilibrium
constant an apparent simplification of eq. (3.3a) is not made.
Equation (3.3b) shows the rate of the forward reaction to be second order
with respect to the activity of isopropyl alcohol and that of the reverse reaction
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Table 3.3: Intrinsic IPA formation rate model parameter for eqs. (3.3a) and (3.4).
Parameter Unit Value App. individual
confidence limit
(95%)
1 k0+ mmolIPA/(eq s) 1.16× 1012 ±9.2× 109
2 Ea kJ/mol 115.3 ±1.8
3 K398a,IPA – 9.45× 10−2 –
4 ∆hr kJ/mol −51.6 –
r0(418K, 8MPa)a mmolIPA/(eq s) 2.31 –
molIPA/(m3 s) 1.91 –
a x′′P = 0.2mol%
Table 3.4: Intrinsic DIPE formation rate model parameter for eqs. (3.3b) and (3.4).
Parameter Unit Value App. individual
confidence limit
(95%)
1 k0+ mmolDIPE/(eq s) 6.56× 108 ±3.8× 107
2 Ea kJ/mol 85.6 ±18.2
3 K398a,DIPE – 3.57 –
4 ∆hr kJ/mol −14.7 –
r0(418K, 8MPa)a mmolDIPE/(eq s) 2.6 × 10−2 –
molDIPE/(m3 s) 2.1 × 10−2 –





















Figure 3.14: Distribution of model-experiment residuals.
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to be first order with respect to the activities of diisopropyl ether and water.
Hence, both reaction rate equations (eq. (3.3)) are elementary in nature with
respect to the dependence on concentration or activity, respectively.
The accuracy of the proposed model for the reaction rates of the formation
of isopropyl alcohol and diisopropyl ether is illustrated by the parity plots
provided in figs. 3.15 and 3.16. It can be seen that the model represents the
measured data fairly well for the entire temperature range of 125 ◦C to 160 ◦C.
Due to the strong extraction of isopropyl alcohol from the reacting aqueous
phase it was impossible to measure dehydration rates at all with only one
exception.




































Figure 3.15: Parity plot of measured and simulated IPA formation rate.
The activities in eq. (3.3) are obtained from the VTPR-EoS as described in
section 2.2. Adjusting the parameters of a model according to eq. (3.3), but
expressed in mole fractions, unsatisfactory results are obtained. Obviously, the
activities are essential for a physically reasonable description of the concentration
dependence of the reaction rate when the reaction is carried out in a nonideal
liquid mixture. This is also demonstrated in the work of Rehfinger and Hoffmann
[21] for methyl tertiary butyl ether synthesis and is discussed in detail by
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Figure 3.16: Parity plot of measured and simulated DIPE-formation rate.
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Kondepudi and Prigogine [22].
Figure 3.17 illustrates the course of the reaction resistance from initial





























T = 413 K
P = 8 MPa
aqueous phase
concentration of IPA at
chemical equilibrium
Figure 3.17: Reaction resistance as function of product concentration in
the aqueous phase.
It can be seen that the shown experiments are obtained in a sufficient
distance to the equilibrium in order to gain reliable kinetic data. Moreover,
the equilibrium is reached for relatively small amounts of isopropyl alcohol. As
can be expected from the second order dependence for the diisopropyl ether
formation rate with respect to the activity of isopropyl alcohol the selectivity
to the formation of isopropyl alcohol strongly depends on the aqueous phase
concentration of isopropyl alcohol as is illustrated in fig. 3.18. It should be
noted here that the presented data are obtained in an ideally mixed flow reactor.
Performing the C3-hydration in an integral reactor the resulting total selectivity
will be remarkably greater.
The effect of the aqueous phase mole fraction of isopropyl alcohol on the
extent of equilibrium conversion and on selectivity emphasizes the importance
of simultaneous product extraction into the organic phase.
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Figure 3.18: Selectivity of IPA formation as function of the aqueous phase
mole fraction of IPA.
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Figure 3.19 provides a comparison of calculated initial reaction rates of
this work with those of Petrus et al. [1]. The initial rate of this work for the
formation of isopropyl alcohol exceeds that of Petrus et al. [1] whereas the
activation energy determined in this work is approximately 7.5% greater. As
Petrus et al. [1] used an intermediate type acidic ion exchange resin between gel
phase and macroporous and the range for pore diffusion limitations is checked
by an estimation method the lower rate is probably caused by internal mass
transfer.






























2 IPA ↔ DIPE + W
P + W ↔ IPA
Figure 3.19: Temperature dependency of initial reaction rates.
Furthermore, while the used bead size fraction is similar to that of this
work the capacity of the wet resin used by Petrus et al. [1] (2.3 eq/kg) is
approximately two times greater than of the resin used in this work (1.1 eq/kg).
However, the magnitudes of the initial diisopropyl ether formation rate from
Petrus et al. [1] are remarkably greater than those found in this work.
A comparison of the equilibrium constants of Petrus et al. [1] and of this work
with respect to temperature is given in fig. 3.20. The course of the equilibrium
constants with temperature of both studies are very similar. Petrus et al. [1]
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obtained the equilibrium constants experimentally whereas those of this work
are calculated using the methods presented in section 2.2.






















P + W ↔ IPA
2 IPA ↔ DIPE + W
Figure 3.20: Temperature dependency of equilibrium constants (this work:
based on theoretical considerations and on data provided in tables 2.1
and 2.2; Petrus et al. [1]: based on measured data).
However, a comparative validation of the experimental data from this work
with that of Petrus et al. [1] is impossible as these authors neither provide
experimental data nor give any comparison of their model and experimental
data.
3.4.2 Microkinetics of the C4-hydration system
The experimental kinetic data for the C4-hydration system, which are obtained
under exclusion of mass transfer limitations, are used for the development of a
rate model. All experimental data and corresponding reaction conditions are
compiled in table C.2.
The following assumptions which are essentially the same as for the C3-
hydration system - are made during development of the rate equation:
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i) the chemical reaction is the rate limiting step as mikrokinetic rate data
are used for parameter adjustment,
ii) the reaction takes place in the water swollen gel phase of the ion exchange
resin,
iii) the catalytically active acid sites are completely hydrated by water
molecules,
iv) the solvated protons remain locally associated to their polymer-bonded
counterions (cf. Helfferich [18]),
v) the byproduct di-sec-butyl ether will not be considered in the rate model,
and
vi) the isomerization of the butenes is significantly faster than the hydration
reaction. Due to the strong polarity of the used catalytic resin it is mainly
wetted by the aqueous phase.
The first four preceding assumptions are already explained in section 3.4.1 and,
therefore, only listed for the sake of completeness.
As di-sec-butyl ether was never detected during the kinetic experiments for
the C4-hydration system of this work the reaction network – the basis for the
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Figure 3.21: Reaction network (neglecting DSBE formation).
Furthermore, the butene isomer mixture in the feed used in this work (cf.
table 3.2) is rather far from an equilibrium composition for the isomerization.
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But, in all experiments provided in table C.2 the butenes are analyzed by gas
chromatography to be in equilibrium even in the organic phase. This result
provides evidence of the last assumption in which isomerization of the butenes
is considered to be at equilibrium. This phenomenon can be explained by the
matter of fact that isomerization simply proceeds via reduction of the unstable
carbenium ion which must occur more frequently than reaction of water with
the carbenium ion. As a conclusion, the reaction of linear butenes with water






Figure 3.22: Reaction network (isomerization in equilibrium).
A pseudo-homogeneous 3-parameter rate expression in aqueous phase activi-
ties of stoichiometric orders represents the experimental data well










In eq. (3.7), k+ is the rate constant in mmolSBA/(eq s) which is a function of
temperature according to the Arrhenius equation






The pre-exponential factor k0+, the activation energy Ea, and the chemical
equilibrium constant Ka,SBA were used for adjustment calculations of the
reaction rate model. The obtained parameter values and approximate individual
confidence intervals are given in table 3.5. It should be noted here that
the confidence interval of K398a,SBA is relatively large (approx. 20% of the
corresponding parameter). This is most probably due to the low range of rate
values of the reverse reaction which, in turn, results from the limited range
of feasible sec-butyl alcohol concentrations in the feed (cf. table C.2). The
activities in eq. (3.7) are defined by eq. (2.17).
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Table 3.5: Intrinsic rate model parameter for eqs. (3.7), (3.8) and (3.10).
Parameter Unit Value App. individual
confidence limit
(95%)
1 k0+ mmolSBA/(eq s) 1.14× 1011 ±2.2× 105
2 Ea kJ/mol 108.0 ±6.8
3 K398a,SBA – 1.3 × 10−2 ±2.8× 10−3
4 ∆hr kJ/mol −39.9 –
r0(418K, 8MPa)a mmolSBA/(eq s) 0.63 –
molSBA/(m3 s) 0.52 –
a x′′B = 0.07mol%
Equation (3.7) shows the rate of the forward reaction to be first order with
respect to the activities of n-butenes and water and that of the reverse reaction
to be first order with respect to the activity of sec-butyl alcohol. According
to the explanations in section 3.4.1, the activity of water is not canceled from
eq. (3.7).
Although the chemical equilibrium constant could be obtained readily from
ideal gas thermodynamics (cf. section 2.2.2), the absolute value of the theoreti-
cally calculated equilibrium constant Ka,SBA does not lead to a satisfying fit
with the kinetic model. For this constant, only the temperature dependence
correlates well with experimental data of this work and data provided in litera-
ture. A comparison of the temperature dependence with the work of Petrus
et al. [2] is given in fig. 3.23.
For strongly limited solubilities, as is the case for n-butenes in water, uncer-
tainties of the fitted binary interaction parameters of the UNIQUAC model
become significant. Furthermore, the equilibrium concentration of n-butenes
in the aqueous phase is very small (< 0.1mol%) and the activity coefficient
of n-butenes is sensitive to changes in mole fractions. Thus, possible errors
in the concentration measurements are amplified by computation of related
activities. Finally, the calculation of fugacities is based only on the isomer
1-butene because the available experimental phase equilibrium data are also
based on 1-butene. All these error sources may cause inconsistencies of the
activities with the theoretically calculated chemical equilibrium constant.
The chemical equilibrium constant Ka,SBA in eq. (3.7) is, therefore, used
as adjustable parameter in the rate model. Starting from the van’t Hoff
equation describing the temperature dependence of the chemical equilibrium
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Figure 3.23: Temperature dependency of the equilibrium constant (this
work: based on theoretical considerations and on data provided in




















The parameter K398a in eq. (3.10) was adjusted together with the other
parameters of the rate model. All parameters are given in table 3.5. The
accuracy of the proposed model is illustrated by a parity plot provided in
fig. 3.24. It can be seen that the model represents the measured data fairly
well at least for the more important temperature range of 130 ◦C to 145 ◦C.
The variation of reaction rate data measured at temperatures below 130 ◦C
is less narrow, but the data points are almost equally distributed around the
locus of an exact match. The three data points in the lower left corner of
fig. 3.24 correspond to the dehydration of sec-butyl alcohol. Due to the strong
extraction of sec-butyl alcohol from the reacting aqueous phase it was impossible
to measure dehydration rates at higher levels.
The activities in eq. (3.7) are obtained from the VTPR-EoS as described
in section 2.2. It is assumed that the linear butene isomers form ideal liquid
mixtures. The pure component parameters of 1-butene are used to represent
the pseudo-component n-butenes, i. e. isomeric equilibrium mixture of linear
butenes, because data of pure 1-butene are also used for the adjustment
calculations of the thermodynamic model. Adjusting the parameters of a model
according to eq. (3.7), but expressed in mole fractions, unsatisfactory results are
obtained. This is also demonstrated in the work of Rehfinger and Hoffmann [21]
for methyl tertiary butyl ether synthesis and is discussed in detail by Kondepudi
and Prigogine [22]. Figure 3.25 illustrates the course of the reaction resistance
from initial conditions towards equilibrium with increasing sec-butyl alcohol
concentration.
It can be seen that the presented experiments are obtained in a sufficient
distance to the equilibrium in order to gain reliable kinetic data. Moreover,
the equilibrium is reached for very small amounts of sec-butyl alcohol which
emphasizes the importance of simultaneous product extraction. Figure 3.26
provides a comparison of calculated initial reaction rates of this work with
those of Petrus et al. [2]. The rather small differences between the initial rates
of both studies may originate from experimental uncertainties especially at
low temperatures. It is assumed that the experimental data from this work
are more reliable because in this study higher amounts of sec-butyl alcohol
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Figure 3.24: Parity plot of measured and simulated reaction rate data.
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T = 418 K
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concentration of SBA at
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are obtained due to multiphase operation in the reactor. The continuous
transport of n-butenes from the organic to the aqueous phase at multiphase
conditions provides higher sec-butyl alcohol yields compared to a reactor fed
with butene-saturated aqueous mixtures.



































Figure 3.26: Temperature dependency of initial reaction rates.
The presented microkinetic study of the C4-hydration system catalyzed by
an acidic ion exchange resin has also been published elsewhere (cf. Pfeuffer
et al. [23]).
3.4.3 Macrokinetics of the C4-hydration system
For the description of nonideal multicomponent mass transfer in the pores of
the catalyst the dusty-fluid model is used. The dusty-fluid model ((cf. Krishna
and Wesselingh [24])) is a generalization of the well known dusty-gas model
((cf. Mason and Malinauskas [25])) to pore structures which are filled with
nonideal fluid mixtures.
The dusty-fluid model equations are based on the generalized Maxwell-
Stefan equations (GMS). Considering exclusively bulk diffusion inside the
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catalyst pores the dusty-fluid model equations reduce to the GMS except that
the bulk phase diffusivities are subject to a transformation in order to account










i = 1, 2, . . . , nc − 1 (3.11a)





In eq. (3.11b) εcat is the porosity (pore volume fraction) of the catalyst and
τcat is the tortuosity (labyrinth factor) which accounts for a non-cylindrical
shape of the pores (cylindrical pore: τcat = 1).
Mass transfer in the Nernst diffusion layer surrounding the catalyst bead is
modeled according to eq. (2.24).
Following the survey given in section 2.3 and using the identical mathematical
implementation, whereas the following assumptions are taken as a basis:
i) the transport is in steady state, no accumulation occurs in the Nernst
layer surrounding the catalyst and in the catalyst,
ii) reaction of mass occurs in the catalyst only,
iii) the mass transfer takes place under isothermal and isobaric conditions,
iv) the catalyst is spherically shaped,
v) the center of the catalyst is subject to symmetry, and
vi) the actual bimodal pore structure of the acidic ion exchange resin is
treated as homogeneous pore structure,













i = 1, 2, . . . , nc − 1 (3.12a)












i = 1, 2, . . . , nc − 1 . (3.12b)
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using the following set of equations describing the diffusion path dependency





2cH+νirrev i = 1, 2, . . . , nc (3.13a)
and for the fluxes in the Nernst film layer
dNi
dλ = 0 i = 1, 2, . . . , nc (3.13b)
with the volume specific acid site concentration of the catalyst specified by
cH+ = ρH+ρcat, wet . (3.14)
The Ni are mass transfer rates which are preferred over fluxes in order to
account for a geometrically related change of cross section for mass transfer along
the diffusion path. The mass transfer coefficients κL2Si,j for the aqueous Nernst
film layer around the catalyst are calculated from bulk phase diffusivities as
described in section 2.3 and using a trickle-bed reactor Sherwood-function
from Krevelen and Krekels [26] as discussed by Goto et al. [27].
Equations (3.12) and (3.13) form a set of 4(nc − 1) + 2 ODE which are
subject to the following boundary conditions, first for the catalyst related to
eqs. (3.12a) and (3.13a)
xSi,λ=1 = xL2Si,λ=1 i = 1, 2, . . . , nc − 1 (3.15a)
Ni,λ=0 = 0 i = 1, 2, . . . , nc (3.15b)
and secondly for the Nernst film layer related to eqs. (3.12b) and (3.13b)
xL2Si,λ=0 = x′′i i = 1, 2, . . . , nc − 1 (3.15c)
Ni,λ=1 = −Ni,λ=1
sCP
i = 1, 2, . . . , nc . (3.15d)
Figure 3.27 gives exemplary results for the mole fraction profiles of n-butenes
and sec-butyl alcohol inside the catalyst and throughout the Nernst diffusion
film layer around the catalyst. The profiles clearly illustrate that the main
mass transfer resistance is located rather in the pores of the catalyst than in
the film layer.
The model is tested with experimental data from the kinetic study of the
C4-hydration system. The results are presented in an Arrhenius plot showing
experimental data and according micro- and macrokinetic data computed with
the proposed models (fig. 3.28). The ratio εcat
τcat
which relates the bulk phase






















Figure 3.27: Composition profiles of B and SBA inside the catalyst and
in the Nernst diffusion layer surrounding the catalyst.
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ion exchange resin is 36% in the dry state. The volumetric degree of swelling
in water is approximately 100% which results in a porosity of approximately
70%. Under these conditions the tortuosity is approximately 1.8. However, as
porosity and tortuosity cannot be determined separately and exactly, the ratio
εcat
τcat
is adjusted to the experimental data which are obtained under internal
mass transfer influence.
Furthermore, mass transfer within a macroreticular ion exchange resin can
be classified among two types: macropore diffusion and diffusion in micropores
which are formed in the intermolecular space of the gel phase (cf. Sundmacher
et al. [28]). However, the number of applicable ion exchange resin catalysts
for alkene hydration is low and properties which have an influence on the
inner structure of the catalyst, e. g. degree of cross-linking, do not vary much
among these catalyst types. Hence, in this work, there is no need to distinguish
between the two regimes of mass transfer within the catalyst.
The data points from all three sources are in close agreement for temperatures
up to 418K. For higher temperatures the only experimental and computed
macrokinetic data points are still correlating while the microkinetic data points
follow the linear course of the low temperature data points. For the two lowest
temperatures the deviation of the experimental data from the computed data
is due to experimental uncertainties (see also fig. 3.24).
3.5 Conclusions
As the reaction rates of this important reaction class, the alkene hydration
reactions, as a synthesis route for secondary alcohols are rather low the attrac-
tiveness of this reaction is based on the fact that the alkenes do not only act
as reactants but also as extracting agents for the formed product secondary
alcohol, e. g. isopropyl alcohol, sec-butyl alcohol. Only by a continuous removal
of the sparely formed product from the aqueous phase this synthesis route
becomes interesting not only from chemical reaction engineering aspects but
primarily for an economic industrial production.
The here designed and operated laboratory reactor proofed to be a suitable
tool for analyzing the kinetics of isopropyl alcohol and sec-butyl alcohol synthesis.
The independent control of feed flow rate and hold-up of the two liquid phases
in the CSTR ensures sufficient conversion for reliable kinetic measurements.
Due to the low solubility of alkenes in water this reactor is superior compared
to single phase reactors operating with olefin saturated aqueous phases.
The microkinetics of the C3- and C4-hydration systems are well described by
pseudo-homogeneous global rate expressions in liquid phase activities which is
methodically in line with the theory of specific catalysis in water-swollen acidic
ion exchange resins (cf. Chakrabarti and Sharma [19]).
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Figure 3.28: Arrhenius-plot showing macrokinetic and microkinetic
model predictions and corresponding measurements.
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The presented macrokinetic model seems to be a valuable tool for simulating
the interrelation of chemical reaction rate and nonideal multicomponent mass
transfer in the pores of the catalyst.
This study reveals the key role of phase equilibria in the considered reaction
systems. The evaluation of the importance of extraction and liquid phase
nonidealities on the reaction kinetics confirms the necessity to rigorously consider
phase equilibrium thermodynamics. In the first place, the co-existence of two
immiscible liquids in combination with a heterogeneous catalyst and secondly
an effective extractive product removal are prerequisites for a reliably designed
industrial alkene hydration reactor.
Taking into account low pressure drop, sufficient wetting of the catalyst and
large interfacial areas the application of a structured catalytic packing seems
to be a promising approach towards intensified isopropyl alcohol and sec-butyl
alcohol production processes which could be named heterogeneous reactive
extraction.
References
[1] Petrus, L., R. W. De Roo, E. J. Stamhuis, and G. E. H. Joosten. Kinetics
and equilibria of the hydration of propene over a strong acid ion exchange
resin as catalyst. Chem. Eng. Sci. 39, (1984), 433–446. DOI: 10.1016/
0009-2509(84)80041-X.
[2] Petrus, L., R. W. De Roo, E. J. Stamhuis, and G. E. H. Joosten. Kinetics
and equilibria of the hydration of linear butenes over a strong acid ion-
exchange resin as catalyst. Chem. Eng. Sci. 41, (1986), 217–226. DOI:
10.1016/0009-2509(86)87002-6.
[3] Klein, J. and H. Widdecke. Verfahren zur Umsetzung von n-Butenen mit
Festsäurekatalysatoren. DGMK Projekt-Bericht 328, 1987.
[4] Mahajani, S. M., M. M. Sharma, and T. Sridhar. Extractive hydration
of n-butene with solid acid catalysts in the liquid phase and under
supercritical conditions. Chem. Eng. Sci. 56, (2001), 5625–5633. DOI:
10.1016/S0009-2509(01)00172-5.
[5] Mahajani, S. M., M. M. Sharma, and T. Sridhar. Direct hydration of
propylene in liquid phase and under supercritical conditions in the pres-
ence of solid acid catalysts. Chem. Eng. Sci. 57, (2002), 4877–4882. DOI:
10.1016/S0009-2509(02)00293-2.
[6] Panneman, H. J. and A. Beenackers. Solvent Effects on the Hydration of
Cyclohexene Catalyzed by a Strong Acid Ion-Exchange Resin. 1. Solubility
of Cyclohexene in Aqueous Sulfolane Mixtures. Ind. Eng. Chem. Res. 31,
(1992), 1227–1231. DOI: 10.1021/ie00004a039.
99
3 Experimental
[7] Panneman, H. J. and A. Beenackers. Solvent Effects on the Hydration of
Cyclohexene Catalyzed by a Strong Acid Ion-Exchange Resin. 2. Effect
of Sulfolane on the Reaction-Kinetics. Ind. Eng. Chem. Res. 31, (1992),
1425–1433. DOI: 10.1021/ie00006a001.
[8] Panneman, H. J. and A. Beenackers. Solvent Effects on the Hydration of
Cyclohexene Catalyzed by a Strong Acid Ion-Exchange Resin. 3. Effect
of Sulfolane on the Equilibrium Conversion. Ind. Eng. Chem. Res. 31,
(1992), 1433–1440. DOI: 10.1021/ie00006a002.
[9] Panneman, H. J. and A. Beenackers. Solvent Effects in the Liquid-Phase
Hydration of Cyclohexene Catalyzed by a Macroporous Strong Acid Ion-
Exchange Resin. Chem. Eng. Sci. 47, (1992), 2635–2640. DOI: 10.1016/
0009-2509(92)87105-Y.
[10] Heese, F. P., M. E. Dry, and K. P. Möller. Single stage synthesis of
diisopropyl ether - an alternative octane enhancer for lead-free petrol.
Catal. Today 49, (1999), 327–335. DOI: 10.1016/S0920-5861(98)00440-
4.
[11] Heese, F. P., M. E. Dry, and K. P. Möller. The mechanism of diisopropyl
ether synthesis from a feed of propylene and isopropanol over ion exchange
resin. Stud. Surf. Sci. Catal. 130, (2000), 2597–2602.
[12] Ihmels, E. C., K. Fischer, and J. Gmehling. Thermodynamic properties
of the butenes: Part I. Experimental densities, vapor pressures, and
critical points. Fluid Phase Equilib. 228-229, (2005), 155–171. DOI:
10.1016/j.fluid.2004.09.013.
[13] Petrus, L., E. J. Stamhuis, and G. E. H. Joosten. Thermal deactivation
of strong-acid ion-exchange resins in water. Ind. Eng. Chem. Prod. Res.
Dev. 20, (1981), 366–371. DOI: 10.1021/i300002a026.
[14] Rozek, M. Reaktionstechnische Untersuchungen zur heterogen-
katalysierten Direkthydratisierung von Buten zu 2-Butanol. Diploma
Thesis, Fachochschule Niederrhein, 2001.
[15] Pitochelli, A. R. Ion Exchange Catalysis and Matrix Effects. tech. rep.,
Rohm and Haas, Philadelphia, 1980.
[16] Carberry, J. J. Designing Laboratory Catalytic Reactors. Ind. Eng. Chem.
56, (1964), 39–46. DOI: 10.1021/ie50659a007.
[17] Petre, D. Kinetic Investigations on Direct Hydration of n-Butene in a
Multiphase Reactor. Ph.D. Thesis, Clausthal University of Technology,
2006.
[18] Helfferich, F. G. Ion exchange. McGraw-Hill, New York, 1962.
100
References
[19] Chakrabarti, A. and M. M. Sharma. Cationic ion exchange resins as
catalyst. React. Polym. 20, (1993), 1–45. DOI: 10.1016/0923-1137(93)
90064-M.
[20] Gates, B. C. and W. Rodriguez. General and specific acid catalysis in
sulfonic acid resin. J. Catal. 31, (1973), 27–31. DOI: 10.1016/0021-
9517(73)90266-2.
[21] Rehfinger, A. and U. Hoffmann. Kinetics of methyl tertiary butyl ether
liquid phase synthesis catalyzed by ion exchange resin - I. Intrinsic rate
expression in liquid phase activities. Chem. Eng. Sci. 45, (1990), 1605–
1617. DOI: 10.1016/0009-2509(90)80013-5.
[22] Kondepudi, D. and I. Prigogine. Modern Thermodynamics - From Heat
Engines to Dissipative Structures. John Wiley & Sons, Chichester, 1998.
[23] Pfeuffer, B., U. Kunz, U. Hoffmann, T. Turek, and D. Hoell. Heterogeneous
reactive extraction for secondary butyl alcohol liquid phase synthesis:
Microkinetics and equilibria. Chem. Eng. Sci. 66, (2011), 777–787. DOI:
10.1016/j.ces.2010.11.040.
[24] Krishna, R. and J. A. Wesselingh. The Maxwell-Stefan approach to mass
transfer. Chem. Eng. Sci. 52, (1997), 861–911. DOI: 10.1016/S0009-
2509(96)00458-7.
[25] Mason, E. A. and A. P. Malinauskas. Gas transport in porous media : the
dusty-gas model. Elsevier, Amsterdam, 1983.
[26] Krevelen, D. W. van and J. T. C. Krekels. Rate of dissolution of solid
substances. Recl. Trav. Chim. Pays-Bas 67, (1948), 512.
[27] Goto, S., J. Levec, and J. M. Smith. Trickle-Bed Oxidation Reactors.
Catal. Rev. 15, (1977), 187–247. DOI: 10.1080/03602457708081725.
[28] Sundmacher, K., H. Künne, and U. Kunz. Contribution of Gel Phase
Diffusion to Mass Transfer in Supported Ion Exchange Catalysts. Chem.




4 Process Intensification by Reactive
Extraction
4.1 On the Need for Efficiency Improved Chemical Production
Processes
After an era of meanwhile more than 200 years of industrial manufacturing the
still growing demand for energy due to the growth of economy forces engineers
to develop improved efficient processes and engines. In 2007, more than 50% of
the global energy demand was caused by industry whereas the usage grows at
an annual rate of 1.3%. The chemical industry is the most energy consuming
sector using 22% of the industrial energy demand (Conti and Doman [1]).
Despite the discussion on the extent of environmental impact imposed by
greenhouse gases and the trend of shrinking resources of fossil fuels (cf. Schaub
and Turek [2], pp. 133-138) it can generally be stated that a reduction of
the energy demand of processes and engines is beneficial from an economical
point of view. Especially in the field of petrochemical processing – wherein
energy makes approximately 60% of the operational costs – reducing the energy
demand always improves profit.
This holds especially for the manufacture of bulk chemicals. Profits per mass
unit are usually small and the fraction of energy related costs from overall
costs is high. Therefore, improvements for bulk chemical manufacture processes
with respect to energy demand reductions can be profitable and are helpful
in reducing pollution of the environment. Furthermore, such arrangements
enhance the acceptance of chemical processing by population.
There are many examples for modern chemical reaction engineering concepts
which focus on the objectives of process intensification, e. g. micro reactors for
heat exchange intensive applications (cf. Ehrfeld et al. [3]), structured catalytic
packings as – for instance – monolith catalyst supports operated at Taylor
flow regime for improved mass transfer performance (cf. Cybulski and Moulijn
[4], Part I), or reaction and separation integrated processes which are able
to circumvent equilibrium or selectivity related limitations on the extent of
conversion (cf. Schmidt-Traub and Górak [5]).
Increasing the field of application of such concepts is one of the most important
challenges for chemical engineers today. Therefore, process intensification is
also a major concern of this work with respect to the manufacture of secondary
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alcohols from linear alkenes which is an established synthesis route for quite a
long time.
4.2 Hybrid Processes Unifying Separation and Reaction
Processes
Hybrid (integrated) processes which unify the unit operations reaction and
separation into one apparatus can be a very effective concept for the manufacture
of chemical products. An overview of integrated processes is given by numerous
examples in Sundmacher et al. [6]. Practically all kind of thermal separation
operations can be combined with homogeneously and heterogeneously catalyzed
conversions (fig. 4.1).












Figure 4.1: Classification of multifunctional reactors according to partici-
pating phases [7].
However, in the scheme of Agar [7] the combination of reaction and extraction
was not considered. Seizing this suggestion, Kenig et al. [8] extended this scheme
towards reactive extraction (fig. 4.2). This scheme is now extended another
time by this work considering the use of heterogeneous catalysts for reactive
extraction (fig. 4.3).
For chemical engineers the advantages of integrated reaction and separation
processes are obvious. All kind of integrated reaction and separation processes
have some common characteristics. At least two immiscible phases (gas–liquid,
gas–solid, liquid–solid or liquid–liquid) interact by undertaking mass, heat and
momentum transfer. Usually, the reaction takes place in one of the co-existing
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Figure 4.2: 1st extension of classification of multifunctional reactors ac-
cording to participating phases [8].

















Figure 4.3: 2nd extension of classification of multifunctional reactors
according to participating phases.
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phases. The benefit of the process is mostly based on the simultaneous removal
of product from the reacting phase by the second non-reactive phase leading to:
i) an improved selectivity when consecutive reactions of the main-product
to undesired by-products occur,
ii) a shift of the chemical equilibrium thereby enabling higher levels of
conversion, and
iii) a transcending of distillation borders thereby circumventing azeotrops in
down-stream separation units.
On the other hand, there is a major disadvantage when reaction and sep-
aration are integrated: the reduction of the degree of freedom. Operation
conditions such as pressure, temperature, concentrations and fluid dynamics
must be selected in a way fulfilling the requirements of both operations, reaction
and separation.
The most common and industrially applied type of integrated reaction and
separation processes is reactive (catalytic) distillation. Etherification for the
manufacture of fuel oxygenates, e. g. methyl tert-butyl ether (MTBE), ethyl
tert-butyl ether (ETBE), and tert-amyl methyl ether (TAME), and esterification
for manufacturing of acetates, e. g. methyl acetate, are the most important
applications among others (cf. Sundmacher and Kienle [9], pp. 3-26). Reactive
distillation for the hydration of linear alkenes, particularly for propene has
been proposed by Xu [10], Wang and Wong [11]. But, one may doubt that a
catalytic distillation process for the hydration of propene is feasible at all. The
reasons are manifold:
i) considering the remarks in section 3.4.1 reasonable reaction rates are
obtained for temperatures exceeding 130 ◦C which is much above the
critical temperature of propene (cf. table 2.1) above which propene
cannot be condensed or evaporated vice versa;
ii) the ion exchange resin is saturated with water and, hence, propene reacts
as aqueous dissolved matter which requires rather supercritical pressures
(cf. section 2.1.2);
iii) the liquid phase will be unstable in parts of the reactive zone of the
reactive distillation column inducing incalculable difficulties;
iv) the volatilities of the involved species spread over a wide temperature
range which reduces the effective length of a reasonable reactive zone
in the column thereby leading to unfeasible short contact times (cf.
section 5.1.2).
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The latter item is a general restriction to the feasibility of reactive distillation
processes. The other system-specific issues are knock-out criteria for the
manufacture of isopropyl alcohol from propene by reactive distillation. These
limitations hold also for the manufacture of sec-butyl alcohol.
Considering reactive extraction it is possible to select appropriately high
temperatures obtaining reasonable reaction rates but, otherwise, requiring
sufficiently high pressures to avoid evaporation of any reactant or solvent. Due
to the miscibility gap between the reactants propene and water and due to
the extractive potential of propene with respect to isopropyl alcohol the alkene
hydration reaction system naturally points towards a reactive extraction process
thus avoiding the use of any additional solvent.
Therefore, this work considers reactive extraction as a reasonable approach
for process intensification in the field of acidic ion exchange resin catalyzed
alkene hydration.
4.3 Key Issues of Multiphase Packed Bed Reactors for
sec-Alcohol Synthesis
Sasol Solvents Germany (formerly Deutsche Texaco AG) applies the
direct hydration of propene with strong acidic ion exchange resins on a large
scale since 1972. The reactor consists of a co-currently operating trickle bed
subdivided into multiple trays with intersectional injection of cooling water
(fig. 4.4).
Regarding the ion exchange resin catalyzed liquid phase hydration of linear
alkenes various patents (Brandes et al. [12, 13], Carls et al. [14, 15], Henn et al.
[16], Neier et al. [17]) address several difficulties to the trickle bed reactor which
comprise polymerization of propene deactivating the catalyst, hot spots by
polymerization and oligomerization and a high pressure drop. In general, due
to the highly selective sorption of water by the catalyst no polymerization of
the alkene occurs. However, the mentioned patents report a remarkable loss
of selectivity for isopropyl alcohol of about 50% when the catalyst gets dry.
The patent authors recommend to use high water to propene feed ratios as
mentioned in the previous paragraph in order to overcome the problem of an
unacceptably low selectivity. Trickle-bed reactors as used for isopropyl alcohol
production often show incomplete catalyst wetting (cf. Pangarkar et al. [18]).
The related results, therefore, indicate incomplete wetting of the catalyst which
leads to direct contact of concentrated (liquefied) alkene to dry catalyst. The
patent authors use the mentioned high water to propene feed ratio in order to
overcome the problem of a poor wetting performance which results in a large
water recycling stream.
Another characteristic property of a randomly packed fixed bed containing
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· L/L-S (trickle bed)
· 8 – 10 MPa
· 130 – 170 °C
· acidic ion exchange resin
· feed ratio W/P: 15 (molar)
Xpropene = 75 – 90 %
crude IPA
Figure 4.4: Trickle bed reactor for direct hydration of P.
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wet acidic ion exchange resin beads (approx. 1mm OD) and free water in the
void space of the bed imposes some more undesirable effects on fluid dynamics.
The free water which completely fills the void space between the catalyst
beads acts as an adhesive agent on the catalyst forming a kind of pasty lump.
Figure 4.5 illustrates the strong adhesive forces between water and the acidic
ion exchange resin.
Figure 4.5: Illustration of strongly sticking wet ion exchange resin beads.
Thus, there is no space for the alkene to pass the catalyst bed, and as a
consequence, the alkene accumulates in front of the catalyst bed leading to
a rising pressure drop. As the pressure drop reaches a sufficiently high level
only a few channels are formed in the bed and the accumulated alkene slug
then rapidly flows off through these few channels. The channels in the bed will
relock when the high pressure drop is released and the described cycle restarts.
Figure 4.6 illustrates this behavior for the flooded bed reactor (co-currently
upstream) which was found in a video analysis by Horstmann et al. [19]. The
actual behavior in the trickle bed reactor is assumed to be similar to that of
the flooded bed reactor, at least with respect to the accumulation of the alkene
in front of the catalytic bed.
Adjacent to the high pressure drop maldistribution of alkene in the bed and a
small interfacial area degrade the mass transfer performance of the trickle bed
reactor. The only advantage of the trickle bed reactor for the case considered
here seems to be the high catalyst loading capacity. Nevertheless, for the given
application the trickle bed reactor is probably the worst choice of currently
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available multiphase reactor types.
alkenewater












Figure 4.6: Cycle of alkene accumulation and release in randomly packed
fixed bed reactors.
The flooded bed reactor which is used for the hydration of n-butenes has
an improved wetting performance for which a molar feed ratio of water to
n-butenes of about 1 : 2 is feasible without any loss in selectivity (fig. 4.7).
However, the flooded bed reactor still shows some unfavorable behavior in a
similar manner as the trickle bed reactor, e. g. high pressure drop and formation
of large alkene slugs in the catalyst bed which causes maldistribution of alkenes
in the reactor, rather small interfacial areas, and, hence, a relatively low reactor
performance. For the ion exchange resin catalyzed hydration of linear alkenes
this reactor type is an improvement, of course, but still seems to be an improper
reactor concept for a reliable and efficient manufacture process.
The mentioned issues of fixed bed reactors are probably the reasons why the
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ion exchange catalyzed liquid phase hydration is not as common as the sulfuric




· L/L-S (flooded fixed bed )
· 5 – 7 MPa
· 130 – 170 °C
· acidic ion exchange resin
· feed ratio W/B: 0.5 (molar)
crude SBA
Xbutene = 5 – 10 %
Figure 4.7: Flooded bed reactor for direct hydration of B.
4.4 Heterogeneous Reactive Extraction
Heterogeneous reactive extraction can be considered as an integrated reaction
and separation process wherein the product is extracted by a second liquid phase
which is immiscible with the other (reactive) liquid phase. Here, heterogeneous
means that a solid catalyst phase is involved. In the case of the alkene hydration
no additional co-solvent is needed for extraction because both reactants (alkenes
and water) are only partially miscible forming two immiscible liquid phases. Due
to the polarity of the employed acidic ion exchange resin catalyst it is selectively
wetted by the aqueous phase. Hence, the alkenes need to be transferred through
the aqueous phase thereby attaining to the catalyst surface and consecutively
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through the pore system of the catalyst to the active sites. To sum all diffusive
mass transfer steps the alkenes pass:
i) the organic film layer at the liquid-liquid interface,
ii) the aqueous film layer at the liquid-liquid interface,
iii) the aqueous film (Nernst) layer surrounding the catalyst beads, and,
finally,
iv) through the pores of the catalyst.
It is worth to note that the other reactant water takes a similar way to the
active sites, but, without passing the liquid-liquid interface. During extraction,
both, the main product alcohol and the by-product ether take the reverse
way of mass transfer of the alkenes. Each diffusive mass transfer step and the
chemical reaction can be potentially rate determining. As all mass transfer steps
are taking place in a liquid environment the govern mass transfer parameters,
e. g. diffusivities and mass transfer coefficients, are in the same order of
magnitude. The determining phenomenon in liquid phase mass transfer is,
therefore, thermodynamic non-ideality. The largest deviation from ideal phase
behavior in this system is found for alkenes dissolved in the aqueous phase
which is indicated once more in the very low solubility of alkenes in water (cf.
section 2.1.2). As a result, if the chemical reaction is not the rate determining
step in the hydration process it is the diffusive mass transfer of the alkenes. This
is particularly the case in the C4-hydration system at high temperatures and
high catalyst activities as is demonstrated in section 5.2.2. For the C3-hydration
system the chemical reaction is the rate determining step for practically all
situations. Figure 4.8 illustrates the mass transfer steps that are involved in the
heterogeneous reactive extraction process for the manufacture of sec-alcohols.
In view of the mentioned deficiencies of trickle bed and flooded bed reactors
for this application a new multiphase reactor concept like heterogeneous reactive
extraction is desirable. The main problem arising in randomly packed fixed bed
multiphase reactor types is the lumping of the acidic ion exchange resin beads by
water imposing high pressure drop, maldistribution of alkenes and incomplete
catalyst wetting. Within this new reactor concept the main objective must be
the generation of void space for the alkenes and large interfacial surface areas
providing good mass transfer performance.
In a series of papers, Samant and Ng [20–23], Samant et al. [24] developed
design concepts for the case of homogeneous reactive extraction. Such strategies
do not exist for heterogeneous reactive extraction whereas the works on the
conceptual design of heterogeneous reactive (catalytic) distillation processes
can be taken as a basis (cf. Sundmacher and Kienle [9], Doherty and Malone
[25], Subawalla and Fair [26]). This will be a task for future research work in
the field of heterogeneous reactive extraction.
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Figure 4.8: Mass transfer steps for alkene and alcohol in the heterogeneous
reactive extraction process.
4.4.1 Structured Catalytic Packing
A possible solution can be the use of so-called open cross-flow structured
catalytic packing (OCFS) which are commercially available and are widely
used in heterogeneously catalyzed reactive distillation processes (Pangarkar
et al. [18]). Structured catalytic packings, e. g. Katapak™ developed and
manufactured by Sulzer Chemtech (Götze et al. [27]), provide void space for
the alkenes between catalyst filled wire gauze baskets and corrugated sheets
significantly reducing pressure drop (fig. 4.9).
Furthermore, large specific packing areas, good radial mixing and flexibility
regarding catalyst load are typical properties of these types of packing. Data of
the open cross flow structured packing Katapak™-SP are compiled in table 4.1.
Moreover, structured packings extend the applicability to mechanically less
resistant ion exchange resin compounds.
The OCFS separates alkene and water streams whereas it provides sufficiently
large packing surface areas. As the packing surface area acts as support for
a film layer of one of the liquids the packing surface area corresponds to the
effective liquid-liquid interface area if the packing is completely wetted. Which
liquid the packing surface particularly wets depends strongly on the used
packing material. Here, a hydrophilic construction material, e. g. stainless
steel wire mesh, is beneficial because the aqueous phase must wet the packing
surface.
As the two immiscible liquid phases flow through allocated parts of the cross
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Figure 4.9: Open cross-flow structured packing Katapak™-SP, [27].
Table 4.1: Geometrical properties of OCFS Katapak™-SP [28].










Void fraction, εOC – 0.74 0.82
Inclination angle, θ ° 45 45
Corrugation side, S mm 7.5 7.5
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section of the packing some special aspects must be considered for the design of
reactor injection equipment. Although between the hold-up pattern dispersive
and continuous phase can not be distinguished in a way as within the flow
pattern bubble and spray flow in an OCFS the aqueous phase can, however, be
considered as dispersive phase while the organic phase is the continuous phase.
This is justified by the fact that the wetting phase must be injected directly into
the distributed catalyst baskets of the packing by, e. g. a distributor equipped
with nozzles while the organic phase can simply be fed through an orifice.








Figure 4.10: Longitudinal section through an open cross-flow structured
catalytic packing (OCFS) depicting the flow paths for alkenes and
water.
Furthermore, the load of the catalyst and of the packing wetting liquid
determines the fraction of the effectively used catalyst amount, i. e. the fraction
of the catalyst in the packing that contributes to the conversion at all. The
flow of the liquid within the catalyst basket is driven by gravity. Depending
on properties of liquid and catalyst there is a resistant force acting on the
liquid and a certain flow rate results (cf. Moritz and Hasse [29]). If the actual
load leads to a lower calculative flow rate as the theoretically possible flow
rate stagnant zones are formed in the catalyst bed baskets. Catalyst which is
located within such stagnant zones practically does not contribute to conversion
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as reactants and products have to diffuse rather long distances to reach the
active sites of the catalyst which lie within these stagnant zones. On the other
hand, a part of the wetting liquid experiences a reduced catalyst contact time
if the actual liquid load related flow rate exceeds the limiting flow rate of the
packing. This is due to the effect that the excessive part of the wetting liquid
escapes from the inner core of the catalyst basket and flows along the outer









Figure 4.11: Flow regimes within a catalyst basket of an OCFS, inspired
by [29, 30].
From earlier works on polymer/ceramic ion exchange resin composite packings
being shaped as, e. g. Raschig-rings (cf. Kunz and Hoffmann [31]), it is also
imaginable to use such random composite packings. Their practical advantage
is obvious: the exchange of deactivated catalytic random packings can be
conducted more easily than of structured packings. However, these packings
are not yet commercially available and are, therefore, not considered in this
work.
4.5 Proposal for an Intensified Alcohol Production Process
By changing the catalyst arrangement from a randomly packed fixed bed into a
structured packing it is now possible to properly account for the extraction of the
desired product alcohol by the organic phase. More precisely, while the catalyst
is most effectively operated at a certain superficial mass flow velocity (SMFV )
of the catalyst wetting aqueous phase the organic phase load is arbitrary. The
organic phase load can be optimized with respect to mass transfer efficiency and
residence time of the organic extract phase (cf. section 5.2.2). The simultaneous
extraction of the formed alcohol is advantageous with respect to space time
yield and selectivity. This is due to strong sorption of alcohol which takes place
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in the catalyst phase leading to the formation of the undesired by-product ether
and to the reverse reaction (Petrus et al. [32, 33]). Besides this, the organic
extract phase dissolves approximately 15 times more moles alcohol than the
coexisting aqueous phase. The alcohol might now be recovered from the organic
extract phase. Figure 4.12 compares the trickle bed process with the proposed
reactive extraction process.
First, a reboiled stripper recovers unconverted alkenes and produces a bottom
product mainly containing alcohol and water in a molar ratio of at least 1 : 1.
A heteroazeotropic distillation unit is then used for purification of the alcohol
whereas an aqueous solution containing approximately 5mol% to 7mol% alco-
hol (as it is withdrawn from the trickle bed reactor) would have to be enriched
before being passed to a heteroazeotropic distillation unit. Hence, the commonly
used distillation column for enrichment of dilute aqueous alcohol solutions is
substituted by a stripper with a significantly lowered energy demand.
4.6 Prearrangement and Recommendations for Future
Research
4.6.1 Preliminary Reaction Experiments
In preliminary experiments two similar ion exchange resin catalysts have been
compared in a randomly packed trickle bed and in a structured packed bed
reactor for the hydration of propene at the production site of Sasol Solvents
Germany in Moers (Urban et al. [34]). The setups for both reactors comprising
the main physical and geometrical properties are shown in fig. 4.13. The results
presented here were obtained for the C3-hydration system. While operating
the randomly packed bed in co-current down flow the structured packing was
operating counter-currently with a continuous organic phase and a disperse
aqueous phase trickling along the catalyst baskets and packing surfaces.
In all experiments the pressure was set to 9MPa. Higher space time yield
(STY ) were observed for the structured catalytic packing for both catalysts
and superficial mass flow velocity (SMFV ) as given in table 4.2.
The slopes of space time yield (STY ) with respect to temperature of both
reactor configurations are almost the same indicating that the rate determining
macro scale phenomena in both configurations are probably identical and
that the improved STY of the structured packing are probably caused by an
enlarged interfacial area. However, these presumptions need to be confirmed
by further experiments. More experiments were carried out for a structured
packing filled with Amberlyst 70™. Again, propene was used as the olefin for
the comparison of different flow and hold-up situations. In fig. 4.14 the reactor
7 is fed by the olefin inlet stream1 and the water inlet stream 2. Stream 3 is the
organic phase outlet and stream 4 is the aqueous phase outlet. The minor part
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Figure 4.12: Flowcharts of trickle-bed (a) and reactive extraction (b)
process.
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· ID: 25 mm
· L: 9 m
· P: 8– 10 MPa
· T: 130– 190 °C
Structured Packed Reactor
· Packing: Katapak SP




· ID: 50 mm
· L: 9 m
· P: 8– 10 MPa











Figure 4.13: Properties of experimental high pressure reactors: (a) ran-
domly packed reactor; (b) structured packed reactor.
Table 4.2: Comparison of random and structured packing for IPA produc-
tion. Data from [34].
Amberlyst DT™ Amberlyst 70™
(operated at 160 ◦C) (operated at 170 ◦C)
random structured random structured
packing packing packing packing
STY
molIPA/(dm3 h)
3.34 5.37 4.79 7.96
SMFV water
kg/(m2 s)
1.95 0.3 1.95 0.3
SMFV propene
kg/(m2 s)
0.78 0.28 0.78 0.28
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of stream 3 served as purge stream. The recycle stream 5 is driven by pump
8 and is combined with a feed stream to the reactor inlet stream 6. Number
9 marks the position of the phase boundary layer between the organic and
aqueous phase. Four different operation modes were investigated: (a) Propene
was the stationary phase and water was the mobile phase. The phase boundary
layer 9 was below the catalytic packing. Recovery of isopropyl alcohol was
done from the aqueous phase, stream 4. There was no recycle, stream 5 was
zero. (b) Same conditions as described in (a), but recovery of isopropyl alcohol
was done from the organic phase, stream 3. The major part of the aqueous
phase outlet stream 4 was recycled by stream 5. (c) Water was the stationary
phase and propene was the mobile phase. The phase boundary layer 9 was
above the catalytic packing. Recovery of isopropyl alcohol was done from the
aqueous phase, stream 4. The major part of the organic phase outlet stream 3
was recycled by stream 5. (d) Same conditions as described in (c), but recovery
of isopropyl alcohol was done from the organic phase, stream 3. There was no


















· Packing: Katapak SP




· ID: 50 mm
· L: 9 m
· P: 8 – 10 MPa
· T: 130 – 190 °C
Figure 4.14: Experimental high pressure reactor equipped with a catalytic
structured packing (7), olefin feed (1), water feed (2), organic phase
exit (3), aqueous phase exit (4), recycle (5), recycle + feed (6), recycle
pump (8), and phase boundary layer (9). (a) Recycling of aqueous
phase (modes a & b, cf. table 4.3). (b) Recycling of organic phase
(modes c & d, cf. table 4.3).
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The results corresponding to these operation modes are summarized in
table 4.3. When propene is used as the continuous phase and water is trickling
along the structured catalytic packing (modes a & b) the highest STY are
achieved. An increase in STY of up to 65% was obtained by changing the
reactor setup from a randomly packed trickle bed into a structured packing.
The lower volume-related catalyst load of the structured packed reactor may
partially be compensated by an improved STY . Furthermore, by application
of a structured catalytic packing which provides space for the olefin flow the
problem of transient high-level pressure drop is eliminated.
Table 4.3: Comparison of operation modes of the structured packing for
IPA production catalyzed by Amberlyst 70™. Data from [34].
Mode a Mode b Mode c Mode d
Flow counter- counter- counter- counter-
current current current current
Disperse phase aqueous aqueous organic organic
Catalyst load dm3 0.6 0.6 0.54 0.54
Pressure, P MPa 9.0 9.0 9.0 9.0
Temperature, T ◦C 170 170 170 170
STY molIPAdm3 h 5.48 7.96 1.62 2.89
Stream #1 g/h 129a 2010 38a 980
Stream #2 g/h 1981 110b 978 42b
Stream #3 g/h 0 2120 0 1022
Stream #4 g/h 2110 0 1016 0
Stream #5 g/h 0 2000 2000 2000
a Approx. value, fed via pressure control system.
b Approx. value, fed via level control system for phase boundary layer.
However, detailed information on the actual disperse phase loading in the
catalyst pockets of the structured packing is still missing for the application of
a reactive extraction process. Hence, experiments providing data of real fluid
dynamic characteristics are necessary in order to obtain fundamental data for
the design of appropriate heterogeneous reactive extraction processes. Such
investigations under relevant process conditions and detailed experiments on
chemical reaction and mass transfer under broader variation of process variables
are planned to be carried out for future research work.
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4.6.2 Preliminary Experiments on Fluid Dynamics
Some fluid dynamic characteristics of the OCFS Katapak™-SP have been
investigated preliminary for two co-currently flowing immiscible liquids (Cengiz
Celik [35]). As model system for the fluid dynamic experiments water which
had been colored with methyl orange as aqueous phase and cyclohexane as
organic phase were used. This model system allowed for experiments at ambient
pressure and temperature.
With these experiments basic information on the range of fluid dynamic
operation variables should be resolved for the design of a laboratory plant for
heterogeneous reactive extraction with structured catalytic packings. For this
purpose, the experimental investigation focused on the following fluid dynamic
parameters:
i) loading point of the catalytic packing (cf. fig. 4.11),
ii) hold-up by outflow experiments, and
iii) pressure drop.
For these experiments a 1m long glass column with an inner diameter of
50mm was used (fig. 4.15). The column was equipped with 10 10 cm long
Katapak™-SP laboratory packing modules. The catalyst baskets of the
packing were filled with a size fraction of 0.8mm to 1.0mm large beads of the
acidic ion exchange resin Amberlyst DT™.
The aqueous phase was fed to the structured packing by direct injection
through a particularly designed distributor into the catalyst baskets of the first
packing module on top (fig. 4.16). Both phases were separated in a decanter
and recycled to the glass column.
The distributor is designed such that the liquid is equally distributed through-
out all jets. The smooth distribution of liquid streams is maintained by the
small inner diameter (0.1mm) of the injection jets.
The loading point of the packing was found by increasing the aqueous phase
load at a constant organic phase load. The result for 3 organic phase loads
is shown in fig. 4.17. It can be seen that the pressure drop – which is very
small for all selected experimental conditions – is constant up to a maximum
aqueous phase load of approximately 5m3/(m2 h). Beyond this point the
pressure drop increases with an increasing aqueous phase load. This point
marks, consequently, the loading point of the structured packing. Furthermore,
from fig. 4.17 it can be concluded that the loading point is independent of the
organic phase load.
The aqueous phase hold-up was investigated by outflow experiments. The
experiments were undertaken as follows: After a stable steady state – indicated
through the pressure drop gauge and through visual inspection of the flow
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Figure 4.15: Photograph of the experimental setup for preliminary fluid
dynamic experiments.
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2.0 4.0 6.0 8.0 10.0
Figure 4.17: Pressure drop in structured packing as function of aqueous
and organic phase load.
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pattern inside the glass column – was reached, in the first instance, both recycle
pumps were stopped and the column outlet valve at the bottom was simul-
taneously switched from the decanter to a sufficiently large sample container.
Secondly, the column was aerated to allow for eﬄuence of both phases. Finally
the sampled liquids were separated by decantation and quantified volumetrically.
Figure 4.18 illustrates the results for the aqueous phase hold-up as function
of aqueous phase and organic phase load. It was found that the aqueous phase
hold-up is – with respect to measurement accuracy – independent of the organic
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Figure 4.18: Aqueous phase hold-up in structured packing as function of
aqueous and organic phase load.
However, it can be expected that an influence of the organic phase load
increasingly establishes with increasing loads. Furthermore, from fig. 4.18 it
can be seen that the slope of the hold-up curves is lower above the loading
point. This phenomenon can be explained through a higher flow velocity of
such fraction of the aqueous phase which flows outside the catalyst baskets as
e. g. by-pass or film flow on packing element surfaces when the aqueous phase
load exceeds the loading point.
The experimental results have been compared with a fluid dynamic model
which is derived from the models proposed by Moritz and Hasse [29], Hoffmann
et al. [36], Ratheesh and Kannan [37], Ellenberger and Krishna [38]. Details
of the model are given in appendix D. A comparison of experimental and
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simulation results provide table 4.4 and figs. 4.19 and 4.20.
Table 4.4: Comparison of experimentally obtained and calculated fluid dynamic
data for Katapak™-SP.
Parameter Unit Experiment Calculation




Void fraction catalyst bed, εCB vol%˙ 34.0c –b
Void fraction open channels,
εOC
vol%˙ 74.5 –b
Flow velocity at load point,
uL,max
mm/s 4.04 4.09
Aqueous phase hold-up at load
point, hLP
vol%˙ 7.9 8.0
a Estimated for laboratory Katapak™-SP (ID 50mm).
b Value is unknown for laboratory Katapak™-SP (ID 50mm), experimental value
used.
c Typical value for relatively narrow size distributions (±10% dP) of spherically
shaped particles.
From both parity plots figs. 4.19 and 4.20 it can be seen that experimental
(observed) and simulated data for pressure drop and hold-up below and above
the load point correlate fairly well. The model is a suitable tool for the
important description of fluid dynamics in OCFS. The fitted model parameters
are provided in appendix D.
It should be noted here that the obtained results – in view of the model
character of employed liquids and conditions – can only serve for the design of
a laboratory heterogeneous reactive extraction column. For scale-up purposes
the data have to be revised for relevant process conditions and for actually,
during the course of the alkene hydration reaction, present species.
4.6.3 Experimental Concept for Reactive Extraction
A laboratory plant for detailed experimental investigation of heterogeneous
reactive extraction for the hydration of linear alkenes has been designed. The
design is based on a structured packed extraction column equipped with a
decanter which reflects the hold up in the bottom part of the column by two
communicating pipelines or high pressure hoses, respectively (fig. 4.21).
Both the organic and the aqueous phase are recycled such that the reactor
can be considered as a CSTR, i. e. the reactants are fed continuously to the
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Figure 4.19: Parity plot of measured and calculated pressure drop data
for Katapak™-SP.






























Figure 4.20: Parity plot of measured and calculated hold-up data for
Katapak™-SP.
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column at a much lower mass flow rate than the recycle streams. The hold-up
in the decanter is kept constant by controlled outflow of organic and aqueous
phase through a back pressure regulator.
The decanter is located parallel to the bottom of the column in order to
display a stable hold-up reflecting the hold-up in the bottom of the column
whereby the expectable formation of foam in the bottom of the column does
not disturb the level measurement. The hold-up in the decanter is measured
by means of image acquisition and processing.
While the aqueous phase always passes the column in downflow operation
the organic phase can be directed in both directions, downflow and upflow,
using the 4/2-way valve. As a result, the apparatus allows for the investigation


















Figure 4.21: Flow chart of the laboratory reactive extraction plant for
direct hydration (here: P).
The column is equipped with a liquid distributor which is particularly designed
for the employed structured packing. Two oppositely in the reactor wall located
windows allow for a visual investigation of the flow pattern in the reactor
under operation (fig. 4.22). The developed reactive extraction setup is made of
stainless steel and can be operated at temperatures and pressures up to 200 ◦C
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Figure 4.22: 3D-Model of the proposed reactive extraction column with
decanter [39].
The following phenomena and properties of the heterogeneous reactive ex-
traction for the hydration of linear C3- and C4-alkenes are to be investigated
with the described apparatus:
i) loading point, pressure drop, and hold-up of the structured packing at
relevant process conditions,
ii) liquid–liquid and liquid–solid mass transfer, and
iii) the effect of co-current and counter-current operation of the structured
packing on fluid dynamics and mass transfer.
It should be noted that the small column diameter of only 50mm imposes
significantly different parameters to industrial scale structured catalytic packings
due to the tight bending of this small diameter and consequential strong fringe
effects. Hoffmann et al. [36] give a nice overview on the parameter shifts of a
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structured catalytic packing during scale-up. They show that specific surface
area aP and void fraction εOC of the packing increase with increasing overall
diameter of the packing. Hence, it can safely be assumed that the performance
of the structured catalytic packing is improved along the scale-up. As a result
this laboratory concept allows for a comprehensive and reasonable study of the
with a meaningful experimental effort.
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5 Simulation of Reactive Extraction for
Synthesis of sec-Alcohols
The simulations of the proposed process for the hydration of linear C3- and
C4-alkenes provides estimates on the performance of the heterogeneous reactive
extraction reactor and allows for comparison between the separation units of
the old and the newly proposed process. It should be noted that the denota-
tion estimates was used intentionally because there are still some remarkable
uncertainties in the properties which, until now, could not be resolved neither
by this work nor by other studies.
More detailed, these arguable properties are:
i) mass transfer coefficients for the mixtures and conditions (temperature,
pressure, sub- or supercritical state, etc.) under consideration,
ii) flow patterns in structured packings at real process conditions,
iii) dispersion coefficients in structured packings at real process conditions,
and
iv) boundary conditions for the reactor model with respect to the considera-
tion of nonideal flow behavior.
The investigation of these items is recommended for further research in the
field of heterogeneous reactive extraction, particularly for the hydration of
linear C3- and C4-alkenes (cf. section 4.6.3).
Nevertheless, the simulation results will emphasize the tremendous potential
of the heterogeneous reactive extraction to process intensification in the field
under consideration.
5.1 Structured Packed Reactive Extraction Column
The proposed reactive extraction process is based on the application of OCFS
which allow for separated flows of the immiscible liquid phases in separated
sections within the packing cross section and which provide sufficiently large
interface areas for proper mass transfer performance between the immiscible
liquids.
The immiscible phases are supported by the two reactants alkenes and water.
Hence, due to the two-fold purpose of alkenes and water as reactants and
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solvents the conversion of both reactants is limited and unconverted fractions
have to be recycled to the reactor. However, if additional solvents are used the
effort for recycling of the solvents will almost be the same and there will be
additional effort for the recovery of these solvents.
Therefore, the reactants serve also as solvents in this study, not least due to
the excellent extraction potential of the alkenes for their corresponding alcohols.
Furthermore, the alcohol content of the aqueous phase of the reactor eﬄuent is
low to such an extent that a product recovery from that phase is meaningless
and the better way to process the aqueous phase is the direct recycling to the
reactor inlet.
The organic reactor eﬄuent is processed by a reboiled stripper which separates
the relatively low boiling alkene from the main product alcohol, the by-product
ether and water which is increasingly extracted with the alcohol during the
course of the reaction. The recovered alkene is then recycled to the reactor inlet
whereas proper actions (e. g. purging) must be considered in order to prevent
from accumulation of accompanying saturated hydrocarbons. Figure 5.1 shows
the described setup which is subject to the simulations described in this section.
For all reactor simulations co-current operation is considered although counter-
current operation of the structured packed reactor is well imaginable. However,
this was not considered here as the simulation of counter-current operation
shifts the computationally less costly initial value problem (IVP) of the co-
current plug flow tubular reactor (PFTR) model into a boundary value problem
(BVP).
The modeling of temperature profiles in the reactor is abandoned as the
maximum reactor diameter, at which the heat generation due to the formation
of isopropyl alcohol and diisopropyl ether at 423K exceeds the heat remove
across the reactor wall, amounts to approximately 2.5m assuming a heat flux
through the reactor wall of only 10 kW/m2. Since this diameter is sufficiently
large for production rates of up to 200 t/d and since the actual reaction rate is
limited by intra-particle mass transfer resistances, which is characterized by a
catalyst effectiveness factor of approximately 65%, the generation and removal
of heat can safely be neglected.
The simulations with respect to post-reactive separations (e. g. reboiled
stripping, heteroazeotropic purification of product) are discussed separately
providing a comparison between old and new process. The used model is
presented in the last part of this section.
5.1.1 PFTR Model
The used one-dimensional PFTR model considers nonideal mass transfer be-
tween the immiscible liquid phases, in the Nernst layer surrounding the catalyst
particles and simultaneously with the intrinsic reaction kinetics in the catalyst
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reactive section with
structured catalytic packing



















Figure 5.1: Schematic of a reactive extraction column as considered for
simulations.
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matrix. Hence, it is a full heterogeneous model which allows for analysis of the
catalyst efficiency. This model can easily be adapted from common chemical
engineering textbooks, e. g. Froment and Bischoff [1], pp. 467, 607-608.
Due to the reaction stoichiometric of the hydration reaction the number of
moles changes with the extent of reaction. The utilization of molar flow rates
in the component mass balances is, therefore, preferred. For each component
two component mass balances are required – one for the organic fluid phase




















i = 1, 2, . . . , nc . (5.1c)
In eqs. (5.1a) and (5.1b), F ′i , F ′′i denote the molar flow of component i in the
organic and aqueous phase, respectively, and ξ = z
LR
is the dimensionless axial
coordinate of the reactor. The first term on the right hand side of eqs. (5.1a)
and (5.1b) accounts for nonequimolar mass transfer across the fluid interface,
i. e. the component fluid interface fluxes N Ii do not necessarily sum up to zero.
A positive flux represents mass transfer from the organic to the aqueous phase
and vice versa. It is further assumed that only the aqueous phase wets the
catalyst whereby a mass transfer term with respect to the catalyst appears only
in the aqueous mass balances (eq. (5.1b)). In contrast to the fluid interface
fluxes, Ni,CP is the mass transfer rate of component i with respect to a single
catalyst particle.
Equations (5.1a) and (5.1b) form a 2nc-dimensional set of ODE which are
solved for the Fi. The fluid interface fluxes and catalyst mass transfer rates are
obtained from the nonideal multicomponent mass transfer models as described
in sections 2.3 and 3.4.3, respectively, and are updated at each integration step
of the ODE-solver.
5.1.2 Nonequilibrium Separation Model
The so-called 2nd generation nonequilibrium model (cf. Taylor et al. [2]) has
been used in this work as basis for the simulations of separation columns.
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Besides the interfacial transport of mass and heat the authors included the
phenomena entrainment of liquid, occlusion of vapor and momentum transport
into their model which has been neglected here. Furthermore, the authors
equipped their model with a design mode which dynamically provides design
calculations while solving the actual nonequilibrium model, e. g. calculation of
the inner diameter of the column based on the minimum hydraulic diameter
which is a requirement from feasibility criteria arising in the fluid dynamic
model. However, in this work the design parameters were set manually rather
than estimating these parameters dynamically.
The used nonequilibrium model is a steady state model based on algebraic
balances which are repeatedly applied to the considered stages of the column.
This treatment forms a sparse nonlinear algebraic equation system. Hence, the
model equations represent a quasi-discretization of an according differential
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Figure 5.2: Schematic representation of a nonequilibrium separation stage
as considered in this work.
As initially stated, neglecting entrainment of liquid, occlusion of vapor and
side streams the component material balances for liquid and vapor phase at
each stage j are written as
MLi,j ≡ Ljxi,j − Lj+1xi,j+1 − FLi,j − NLi,j = 0 (5.2a)
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and
MVi,j ≡ Vjyi,j − Vj−1yi,j−1 − FVi,j + NVi,j = 0 (5.2b)
with
i = 1, 2, . . . , nc , (5.2c)
respectively. The total material balances for liquid and vapor phase are easily
derived from eq. (5.2) by summing over the component index i






NLi,j = 0 (5.3a)
and






NVi,j = 0 . (5.3b)









wherein NLi,j , NVi,j are the molar component fluxes and aj is the volume-specific
interfacial area which is available for mass transfer between vapor and liquid.

























i,j + EVj = 0 (5.5b)
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eVj daj . (5.6b)
In eq. (5.6) eLj , eVj are the local energy fluxes for liquid and vapor phase. The
mass transport relations are expressed as
RLi,j ≡ Ni,j − NLi,j = 0 (5.7a)
and
RVi,j ≡ Ni,j − NVi,j = 0 (5.7b)
with
i = 1, 2, . . . , nc − 1 (5.7c)
and the energy transport relation is written as
EIj ≡ ELj − EVj = 0 . (5.7d)
A detailed discussion on the computation of the nonideal multicomponent mass
transfer rates NL ,NV is given by Krishnamurthy and Taylor [3]. A survey
on the calculation of the energy transfer rates EL ,EV is given in Taylor and
Krishna [4], p. 402. Thermodynamic equilibrium is only assumed to exist at
the interface. The corresponding equilibrium relation is written as
QIi,j ≡ Ki,jxIi,j − yIi,j = 0 (5.8)
wherein Ki,j is the distribution coefficient calculated for pressure Pj , tempera-
ture T Ij and liquid and vapor mole fractions xIi,j , yIi,j which are locally present
at the interface.
For evaporator, condenser and an optional decanter equilibrium balances
are used which are described by Kovach and Seider [5]. As the heat duties
of condenser and evaporator are usually not known in advance the energy
balance is replaced by a sufficient specification equation. For the evaporator,
the purity (mole fraction) or total molar eﬄuent of the bottom product and for
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the condenser, the reflux ratio is specified in the simulations conducted in this
work. Beyond that, feed stage, feed quality, flow rate and composition, overall
number of stages, inner column diameter, packing type, stage length, condenser
pressure and pressure drop per stage need to be specified by the user.
The resulting nonlinear algebraic equation system, which is solved using a
pre-conditioned conjugate gradient algorithm (belongs to the class of Newton-
methods), requires an initial guess for all dependent variables. The initial guess
is obtained from the solution of the much simpler corresponding equilibrium
separation model of Naphtali and Sandholm [6] which was found to be a feasible
estimation method in the work of Voelskow [7]. The equilibrium model is solved
by differential arc-length homotopy continuation using the Newton-homotopy
as described in Vickery and Taylor [8]. The homtopy is implemented as basic
differential equations (BDE) (cf. Zangwill and Garcia [9], pp. 24-42) and
solved by an ODE-solver, e. g. Gear’s method. In turn, the initial guess for
the equilibrium model is obtained by computing the stage flows of vapor and
liquid assuming constant molal overflow (i. e. the stage flow shifting effect,
which is caused by differences in the heat of vaporization of the components,
is neglected). The feed composition is initially taken for the compositions of
vapor and liquid on all stages.
The model is used to simulate on one hand P stripper and hetero-azeotropic
IPA purification columns of the reactive extraction process and on the other IPA
pre-concentration and hetero-azeotropic IPA purification columns of the trickle
bed reactor process for comparison. The results are discussed in section 5.3.
5.2 PFTR Simulation Results
A general solution to the PFTR-model provides fig. 5.3 for a simulation of the
reactive extraction column as defined in fig. 5.1. It incorporates the assumption
that the reactor eﬄuent is separated by a decanter and the aqueous fraction
together with all other aqueous reverse flows is directly recycled to the reactor
inlet. Water loss due to conversion is compensated by additionally feeding an
accordant amount of water. The results are obtained for an isothermal and
isobaric co-current operation of the reactive extraction column at 423K and
9.5MPa.
It can be seen that the purely fed propene extracts residual isopropyl alcohol
from the aqueous recycle very rapidly until the concentration of isopropyl alcohol
almost corresponds to its fluid phase equilibrium. Chemical reaction and mass
transfer from the catalyst into the aqueous phase are obviously slower than
mass transfer across the fluid interface. On the other hand, the concentration of
propene in the aqueous phase correlates strongly with the aqueous concentration
of isopropyl alcohol. A high aqueous propene concentration in combination with
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P = 28.7 %
IPA = 98.1 %
Figure 5.3: Axial mole fraction profiles in the reactive extraction column
with recycling of water 423K and 9.5MPa, a) organic phase, b) aqueous
phase. The dashed lines mark locations for mass transfer analysis
(figs. 5.4 and 5.5).
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a high aqueous isopropyl alcohol concentration has no accelerating effect on the
formation of isopropyl alcohol, it rather decelerates the formation. This is due
to the stronger influence of the IPA concentration on the dehydration (reverse
reaction) rate than the influence of propene (P) on the hydration (forward
reaction) rate.
The dashed horizontal lines in fig. 5.3 mark the axial positions at which
mole fraction profiles in the diffusive mass transfer regions are gathered. The
resulting profiles are given in figs. 5.4 and 5.5. For the sake of clarity, the
mole fraction profiles of water are not included. It is noticeable that the mass
transfer film (L1) between organic phase and fluid interface is much thicker
than the other aqueous fluid films. This is due to the properties of a liquid-like
supercritical phase and the low interstitial flow velocity of the organic phase

























































diffusion path λ / µm
Figure 5.4: Mole fraction profiles along the diffusion paths: organic and
aqueous films around the fluid interface (L1) and (L2), Nernst diffusion
layer surrounding the catalyst particle (LS) and in the pore system of
the catalyst (S). The location on the axial reactor coordinate is depicted
by the upper dashed line in fig. 5.3.
The viscosity is rather gaseous while the density is rather in the range
of organic liquids. Furthermore, the profiles in the organic film (L1) are
relatively flat when compared to their aqueous counterparts (L2, LS) which
can be explained by larger multicomponent diffusivities of the solutes propene,
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isopropyl alcohol and diisopropyl ether in propene as solvent than in water. The
mole fraction profiles at the end of the reactor fig. 5.5 are completely equalized
in the organic film and that for isopropyl alcohol is equalized in the catalyst





















































Figure 5.5: Mole fraction profiles along the diffusion paths: organic and
aqueous films around the fluid interface (L1) and (L2), Nernst diffusion
layer surrounding the catalyst particle (LS) and in the pore system of
the catalyst (S). The location on the axial reactor coordinate is depicted
by the lower dashed line in fig. 5.3.
5.2.1 Effect of Temperature and Pressure
Figures 5.6 and 5.7 illustrate the effect of temperature and pressure on conver-
sion of propene and selectivity with respect to isopropyl alcohol, respectively.
Conversion is increasing with temperature and pressure as is expected. This is
due to the reaction rate which on one hand increases by the temperature-driven
activation and on the other by the pressure-driven solubility of propene in
water. But, it is also shown in fig. 5.6 that the pressure influence is limited.
The increase in conversion of propene from 8MPa to 9.5MPa is much less
than from 6.5MPa to 8MPa. Hence, using a pressure which is higher than
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approximately 10MPa is not beneficial. But, the pressure should not be set to


























Figure 5.6: Effect of temperature and pressure on P conversion in a 10m
long reactive extraction column (ID 50mm).
These recommendations are affirmed by the results for selectivity with re-
spect to isopropyl alcohol. In fig. 5.7 it is shown that the selectivity drops
with increasing temperature and decreasing pressure. There is practically no
difference between the isobars for 8MPa and 9.5MPa, but a drastic selectivity
drop is obtained at 6.5MPa.
The temperature has an enhancing effect on conversion but an attenuating
effect on selectivity. At a temperature of 423K the conversion is five to six
times the value corresponding to a temperature of 403K. Accordingly, the
selectivity decreases from 100% to 98%. But, at 433K the selectivity declines
to 94%. As a result, temperatures above 423K should not be employed for the
hydration of propene with fresh (activated) catalyst. Further discussion on the
recommended range of temperature will be given in the following subsection.
5.2.2 Reactor Efficiency and Performance
According to the simulation as depicted in fig. 5.3, figs. 5.8 and 5.9 illustrate
the course of the catalyst effectiveness factors ηS and ηB along the axial reactor
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Figure 5.7: Effect of temperature and pressure on IPA selectivity in a
10m long reactive extraction column (ID 50mm).
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coordinate z for the hydration of propene and the etherification of isopropyl
alcohol, respectively. Comparing the mole fraction profile of isopropyl alcohol in
the aqueous phase (fig. 5.3) with the catalyst efficiency profile for the hydration
of propene the correlation of catalyst efficiency with isopropyl alcohol content
in the aqueous phase becomes apparent. This is due to the acceleration of
the rate of the reverse reaction (dehydration) with increasing isopropyl alcohol
content.



























Figure 5.8: Catalyst efficiency profiles for the hydration of P along axial
reactor coordinate at 423K and 9.5MPa with aqueous phase recycle.
The magnitude of the catalyst efficiency with respect to bulk conditions
is in the range between approximately 0.7 for a reaction mixture containing
0.5mol% isopropyl alcohol and 0.9 for an isopropyl alcohol content of 1.5mol%
at 423K. The magnitude of the catalyst efficiency with respect to conditions at
the catalyst surface takes its course close to that which is related to conditions
in the bulk of the aqueous phase. Hence, the reaction rate is significantly
affected by mass transfer limitations within the catalyst matrix. This holds also
for the catalyst efficiency of the etherification of isopropyl alcohol. From fig. 5.9
it is seen that the catalyst efficiency exceeds unity which is the consequent
result for a consecutively appearing side reaction.
But, in the second half of the reactor length the catalyst efficiency of the
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Figure 5.9: Catalyst efficiency profiles for the etherification of IPA along
axial reactor coordinate at 423K and 9.5MPa with aqueous phase
recycle.
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etherification declines below unity which is caused by the acceleration of the
etherification rate accompanied by the deceleration of the hydration rate due
to an increased isopropyl alcohol content in the reaction mixture.
The effect of temperature on the more important catalyst efficiency of the
hydration reaction presents fig. 5.10. A recycling of the aqueous reactor eﬄuent
has not been considered here. It is seen that the catalyst efficiency drops
significantly with increasing temperature whereas the conversion, which is
known to increase with temperature, leads to a compensation of the hydration
rate by an accelerating reverse reaction rate.































Figure 5.10: Effect of temperature on the catalyst efficiency profiles for
the hydration of P at 9.5MPa without aqueous phase recycle.
In view of the catalyst deactivation, see also section 3.1.2, which strongly
enhances with temperature, and a significant drop in selectivity for temperatures
above 423K one should not exhaust the maximum temperature which the
catalyst is able to withstand (433K to 443K). Furthermore, the drop of
catalyst activity due to a loss of acid sites during the life cycle of the catalyst
might be compensated by a continuous increase of reactor temperature. This
leads – with respect to an optimal temperature – to an optimization problem
between the life cycle period of the catalyst and the required reactor size
(length) for which the desired extent of reaction is achieved.
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Figure 5.11 shows the contributions of the four considered diffusive mass
transfer regions:
i) the organic film at the fluid interface (L1),
ii) the aqueous film at the fluid interface (L2),
iii) the film surrounding the catalyst (LS), and
iv) the catalyst matrix (S),
to the overall mass transfer resistance of all components of the C3-hydration
system. The organic components have their respective main mass transfer
resistance in the aqueous pore liquid of the catalyst (S). Only the transport of
water is limited by the organic film (L1). Due to the relatively low propene flow
in the reactive extraction column the main part of the remaining contributions
to the overall mass transfer resistance is located in the organic film (L1) for
the case of isopropyl alcohol and diisopropyl ether.





































Figure 5.11: Relative contributions of the diffusive mass transfer regions
to the overall component mass transfer resistances.
In fig. 5.12, the relative component mass transfer resistances within the four
mass transfer regions are presented. The components propene and water do
not contribute to the overall mass transfer resistance in those regions in which
they are the solvent component. Otherwise, the contributions of the solutes
are almost equal. There is only a weak dependence on the size of molecule.
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Figure 5.12: Relative component mass transfer resistances with respect
to diffusive mass transfer regions.
5.2.3 Optimal Extent of Reaction
The effort for the recovery of the main-product isopropyl alcohol can generally
be reduced when the proposed reactive extraction process is employed for
the hydration of linear alkenes. In contrast to the trickle bed the reactive
extraction allows recovering isopropyl alcohol from the organic extract phase.
The unconverted propene can be removed from the organic reactor eﬄuent
by stripping which produces a bottom product mainly consisting of isopropyl
alcohol, water and diisopropyl ether. The ratio of isopropyl alcohol to water
in the bottom product is a key-parameter for a reduced energy demand. The
required reflux ratio of a hetero-azeotropic distillation strongly increases with
increasing water content.
Due to fluid phase equilibria, the ratio of isopropyl alcohol to water in the
organic reactor eﬄuent exhibits a maximum with increasing extent of reaction
(fig. 5.13). A maximum ratio of 1.35 is found for a propene conversion of 25%.
The dependence of selectivity with respect to isopropyl alcohol on propene
conversion is illustrated in fig. 5.14. It can be seen that the selectivity is 98%
at a conversion of approximately 30%. With further increase of conversion the
selectivity drops more strongly and reaches a level of 94% at 55% conversion.
Taking into account the selectivity loss with respect to conversion and the
minimum energy demand of the hetero-azeotropic purification of isopropyl
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5.2 PFTR Simulation Results























as function of P conversion.
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Figure 5.14: Effect of conversion on IPA selectivity at 423K and 9.5MPa.
alcohol at a maximum ratio of isopropyl alcohol to water in the feed of the




The older trickle bed process produces an aqueous reactor eﬄuent which
contains due to the excessive water feed stream only approximately 7mol%
isopropyl alcohol. As is described in section 4.5, this reactor eﬄuent is pro-
cessed using an ordinary distillation for pre-concentration of isopropyl al-
cohol close to the azeotropic composition of the aqueous isopropyl alcohol
(xIPA = 60mol% to 70mol%) and a hetero-azeotropic distillation for final pu-
rification of isopropyl alcohol. A simulation program of the pre-concentration
column for the binary system isopropyl alcohol-water was previously developed
in the work of Voelskow [7]. The proposed reactive extraction process produces
an aqueous and an organic reactor eﬄuent whereas the organic reactor eﬄuent
contains the main part of the formed isopropyl alcohol. The aqueous phase
does not need a recovery process, it may be recycled directly to the reactor
(see also section 5.1).
However, the organic phase can be separated with less effort when compared
to the aqueous reactor eﬄuent of the trickle bed process. Due to the relatively
low boiling point of propene it can be separated by a reboiled stripper and
recycled to the reactor inlet. The stripper column is less energy demanding
than the pre-concentration column of the trickle bed process. The bottom
product of the stripper is then processed by a hetero-azeotropic distillation
tower, which is common with the trickle bed process.
The hetero-azeotropic distillation requires an entrainer component which
forms a ternary hetero-azeotrop with isopropyl alcohol and water, i. e. the
liquid phase is unstable at the azeotropic point, it separates into two or more
immiscible liquid phases. The major by-product of the C3-hydration is diiso-
propyl ether which forms such a ternary mixture together with isopropyl alcohol
and water. The VLLE of this system is discussed in section 2.1.4.
Figure 5.15 shows a residue curve map of the ternary system diisopropyl ether-
isopropyl alcohol-water. The thick black graphs represent distillation borders,
i. e. a distillation trajectory or residue curve cannot cross these borders. The
thinner grey lines are residue curves which are possible equilibrium distillation
trajectories.
Figure 5.16 shows the VLLE diagram in the ternary composition space. Also
here, the thick black lines are the distillation boundaries. The grey lines are
tie lines connecting the compositions of the immiscible liquids. The thin black
solid and dashed graph are distillation trajectories of liquid and vapor phase,
respectively.
The vapor phase trajectory starts in the upper left corner at pure isopropyl
alcohol and ends at a tie line. It is this split of the liquid phase into an aqueous
and an organic liquid that allows for a breakthrough of the distillation boundary
which separates the upper and lower distillation regions and thereby the feasible
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P = 1 atm
Figure 5.15: Residue curve map of the system DIPE-IPA-W showing
distillation borders (thick black lines) and batch distillation trajectories
(gray lines); the arrows mark directions of the trajectories.
product streams. The aqueous liquid phase is separated from the organic liquid
phase in a decanter and recycled to the reactor inlet.
The organic liquid reflux initiates the liquid composition trajectory which
then tends towards pure isopropyl alcohol. Due to mixing of the liquid from
the rectifying section with the column feed there is a large step in the trajec-
tory towards the long branch of the distillation boundary. The fronts in the
composition trajectories are less steep when compared to the residue curves
in fig. 5.15 because the trajectories are obtained from a mass transfer rate
based simulation while the residue curves are computed assuming equilibrium
between liquid and vapor phase.
It can be seen that the liquid phase trajectory never crosses the heterogeneous
region while the vapor phase trajectory enters the heterogeneous region some-
what before being condensed. This situation reflects the optimal operational
state of the column because on one hand there is no phase separation of the
liquid in the column except in the condenser/decanter section and on the other
the condensate being formed from the total liquefaction of the vapor leaving
the column separates into an aqueous and an organic liquid phase which can
be easily separated by decantation. As there is no liquid phase separation

























P = 1 atm
Figure 5.16: Column profiles for vapor (dashed black line) and liquid
(solid black line) from a nonequilibrium simulation in the mole fraction
phase plane for the system DIPE-IPA-W additionally showing the
heterogeneous region (gray tie lines) and distillation borders (thick
black solid lines).
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ciency which would not be the case if the liquid phase would separate on one
or several stages of the column. The prerequisite for such an efficient steady
state is a sufficiently large reflux of the organic condensate and a sufficiently
small reflux of the aqueous condensate from the decanter.
Resulting liquid phase mole fraction profiles for the hetero-azeotropic dis-
tillation column from the nonequilibrium simulation are shown in fig. 5.17.
Numeric results and column configuration data are compiled in table 5.1. The





wherein Vi,B is the vapor flow rate of component i leaving the evaporator and
∆hvapi is the enthalpy of vaporization of the pure component i. Appendix E.1.4
provides a short outline on the computation of enthalpies which are required
for the simulation of distillation and stripping equipment.
However, the influence of excess enthalpies is neglected, because the ther-
modynamic model only provides reliable excess enthalpies when experimental
data for the excess enthalpies – at least of the binary pairs – are used for the
fitting of interaction parameters in addition to phase equilibrium data (Ahlers
and Gmehling [10]). Such data are only available for a few binaries.
The liquid phase mole fraction profiles for the pre-concentration of the
trickle bed reactor eﬄuent are illustrated in fig. 5.18 and numeric data of this
simulation provides table 5.2.
Liquid phase mole fraction profiles in the stripping column for the recovery of
unconverted propene from the organic reactor eﬄuent of the reactive extraction
process are given in fig. 5.19. Table 5.3 provides according numeric data.
A comparison of the required heat duties of both separation sequences, trickle
bed and reactive extraction process, is presented in table 5.4.
It is found that the separation sequence of the reactive extraction process
requires an overall evaporator heat duty of 11.3MW which is approximately
38% less than the sequence of the trickle bed process with an overall evaporator
heat duty of 18.3MW.
This noticeable reduction in heat demand of the separation sequences even
is extended when considering the reduction of the water recycling stream. Of
course, the recycling of propene, which comprises the steps condensation, re-
pressurizing and heating, requires significant amounts of heat and electricity,
but this is less than the energy demand of the exzessive water recycle stream

















Figure 5.17: Liquid mole fraction profiles in heterogeneous azeotropic IPA
purification of the reactive extraction process.
159
5 Simulation of Reactive Extraction for Synthesis of sec-Alcohols
Table 5.1: Distillation column specifications and numeric simulation results
for the heteroazeotropic purification of IPA.
Parameter Unit Value Mole fraction
DIPE IPA W
Column
Height, hC m 9.0
Diameter, dC m 2.0
Stages 35
Reflux ratio, ν 20.0





Temperature, T K 330
Pressure, P kPa 160.0
Flow, F mol/s 59.3
Composition, xi,F mol% 2.0 56.0 42.0
Makeup (DIPE), M mol/s 6.0
Distillate
Temperature, T K 296.8
Pressure, P kPa 141.0
Org. Flow, D′ mol/s 9.1
Org. Comp., x′i,D mol% 78.0 13.7 8.3
Aq. Flow, D′′ mol/s 24.4
Aq. Comp., x′′i,D mol% 0.2 1.3 98.5
Raffinate
Temperature, T K 369.8
Pressure, P kPa 177.0
Flow, R mol/s 31.7
Composition, xi,R mol% 0.0 99.9 0.1
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Figure 5.18: Liquid mole fraction profiles in distillation column for pre-
concentration of IPA of the trickle bed process.
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Table 5.2: Distillation column specifications and numeric simulation results
for the pre-concentration of IPA.
Parameter Unit Value Mole fraction
DIPE IPA W
Column
Height, hC m 5.0
Diameter, dC m 3.0
Stages 20
Reflux ratio, ν 2.0





Temperature, T K 323.0
Pressure, P kPa 110.0
Flow, F mol/s 666.0
Composition, xi,F mol% 0.1 5.0 94.9
Distillate
Temperature, T K 351.0
Pressure, P kPa 99.0
Flow, D mol/s 49.8
Composition, xi,D mol% 0.7 66.7 32.6
Raffinate
Temperature, T K 379.7
Pressure, P kPa 120.0
Flow, R mol/s 616.2
Composition, xi,R mol% 0.0 0.01 99.99
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DIPE W IPA P
Figure 5.19: Liquid mole fraction profiles in stripper column for recovery
of P of the reactive extraction process.
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Table 5.3: Stripping column specifications and numeric simulation results
for the recovery of P.
Parameter Unit Value Mole fraction
P DIPE IPA W
Column
Height, hC m 3.0
Diameter, dC m 1.2
Stages 10
Reflux ratio, ν 0





Temp., T K 290.0
Pressure, P kPa 1000
Flow, F mol/s 120.0
Comp., xi,F mol% 50.5 1.0 27.7 20.8
Distillate
Temp., T K 290.7
Pressure, P kPa 989.0
Flow, D mol/s 60.7
Comp., yi,D mol% 99.5 0.1 0.2 0.2
Raffinate
Temp., T K 417.1
Pressure, P kPa 1000
Flow, R mol/s 59.3
Comp., xi,R mol% 0.2 1.9 56.0 41.9
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Table 5.4: Comparison of evaporator heat duties between trickle bed and
reactive extraction process.
Separation unit Evaporator heat duty, MW Energy saving, %








Purification 9.1 9.1 -∑
18.3 11.3 38.3
5.4 Conclusions
The results with respect to the simulation of the reactive extraction column
affirm once more the importance of an in situ product separation. By efficient
in situ product extraction it is possible to enhance the efficiencies of reactor
and downstream processing sequence.
The reduced heat duty demand of the separation sequence of 38% is an
astonishing result. It clearly confirms the high potential of integrated reaction
and separation processes for process intensification.
Only results for the C3-hydration system are presented, but they hold also
for the C4-hydration system, at least qualitatively.
Nevertheless, at least the reactive extraction model needs a carefully con-
ducted experimental validation for both hydration systems, C3 and C4.
Although the hydration of linear alkenes is an extraordinary system it might
be a promising approach applying the concept of heterogeneous reactive ex-
traction to other systems for which a reactive (catalytic) distillation process
is infeasible either caused by a too wide spreading of the boiling points of the
reactants or by temperature and/or pressure limits due to requirements of the
reaction.
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A new concept for process intensification in the field of acid ion exchange resin
catalyzed liquid phase hydration of linear C3- and C4-alkenes to their corre-
sponding alcohols isopropyl alcohol and sec-butyl alcohol has been developed
within this work. The tremendous advantage of a reactive extraction reactor
is clearly demonstrated, at least on a theoretical level. The underlying work
comprises experimental as well as theoretical and simulation work, respectively,
on fundamental aspects of the liquid phase hydration of C3- and C4-alkenes.
Using a modern cubic equation of state which employs well-proven activity
coefficient models for the mixing rule the important fluid phase equilibria of
these systems – involving supercritical components – could be modeled and
validated with the help of experimental data with good accuracy. Besides the
high pressure liquid-liquid equilibria, vapor-liquid equilibria, chemical equilibria
and the nonideal multicomponent mass transfer were simulated and partially
validated to experimental data.
The experimental results for micro- and macrokinetics of these reversible
reaction systems confirm the few earlier studies which can be found in the
literature on a qualitative level. The experiments were conducted in a novel
continuously stirred multiphase tank reactor setup which was developed during
this work. The reactor and its peripheral systems allow an independent control
of hold-up and residence time for each phase individually. To the authors
knowledge, a similar liquid-liquid reactor concept for the use of solid catalysts
is not yet available in literature. The range of operating conditions at which
the reaction rates are not being affected by mass transfer limitations could well
be identified. Results which were obtained in the makrokinetic regime can be
reproduced fairly well by the developed intrinsic rate model which is embedded
in a nonideal mass transfer model.
The issues of the trickle bed reactor which is used for the hydration of propene
on an industrial scale are analyzed. The accordant results serve as starting
point for the development of a new reactor concept. It is found that this
reaction system has some analogies to other systems for which an integrated
process, e. g. reactive distillation, is a promising option for manufacture. The
simultaneous removal of the product from the catalyst wetting aqueous phase
is beneficial with respect to space time yield and selectivity. Due to the special
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fluid phase behavior of the C3- and C4-hydration systems, heterogeneously
catalyzed reactive extraction turned out to be a sufficient concept for hydration.
Improvements are not only achieved in the reactor, but also within the
post-reactive separation sequence for the purification of the alcohol. For
the case of the hydration of propene it is demonstrated by nonequilibrium
separation simulations that energy savings for required evaporator heat duties of
distillation and stripping columns of almost 40% are possible. Such an enormous
improvement is only accessible by a substantial revision of the existing process.
Using a structured catalytic packing in the reactor two immiscible liquid phases
are obtained of which the organic phase extracts the product alcohol from the
catalyst wetting aqueous phase. Forming this alcohol-rich extract phase in the
reactor is the key for the opportunity of redesigning the separation sequence.
In addition, the recycling of an excess of 15 : 1 parts water over alkene can
considerably be reduced and the reactor performance can be enhanced. The
simulations of the reactive extraction process in a structured catalytic packing
are based on the fundamental experimental and theoretical results of this work.
Finally, some preliminary reaction experiments and fluid dynamic experiments
at ambient conditions in a model system are presented. The experiments on
fluid dynamics of two immiscible liquid phases in a structured catalytic packing
were conducted to provide an estimate on important design parameters for a
lab-scale reactive extraction plant.
6.2 Future Work
The novel concept of heterogeneous reactive extraction, which has been devel-
oped for the particular hydration of linear C3- and C4-alkenes by this work,
might be a promising process option also for other reaction systems. The
limitations on process conditions being subject in (heterogeneous) reactive
distillation processes can be circumvented by making use of (heterogeneous)
reactive extraction. For reaction systems that are limited in conversion due
to chemical equilibrium and/or selectivity issues and which cannot be pro-
cessed in reactive distillation systems because of limited process conditions,
(heterogeneous) reactive extraction might enable an access for such processes to
process intensification. As a conclusion, the concept of heterogeneous reactive
extraction has the potential being further developed.
As the heterogeneous reactive extraction for the hydration of linear C3- and
C4-alkenes has yet been investigated only by simulation attempts it is necessary
to study this concept experimentally and to validate or modify – when indicated
– the proposed model.
A general proposal for the lab-scale reactive extraction column is provided. It
considers a high pressure reactive extraction apparatus with separated recycles
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for organic and aqueous phase which allow for a CSTR-like operation mode and
co- as well as counter-current flow of the immiscible phases in the structured
packing of the reactive extraction column. The peripheral equipment which
has been used for the kinetic investigations of this work can also be employed
to the reactive extraction column.
With this lab-scale reactive extraction column the interface mass transfer
in the systems under consideration should be investigated for which accordant
coefficients are not yet available. In addition to that, the fluid dynamics, i. e.
hold-up, pressure drop, load point, wetting performance and interfacial area, at
relevant operating conditions should be studied.
Furthermore, the low flow rate of the organic phase as being considered for the
PFTR-simulations of the reactive extraction column gives rise to the question
if axial dispersion affects the mole fraction profiles in the reactive extraction
column. Hence, appropriate measurements of the residence time distribution
behavior at relevant process conditions need to be performed. Finally, it needs
to be studied if the flow rate of the organic phase at such an order of magnitude
limits the overall mass transfer performance.
Using the findings of this work and following the recommendations on further
research in the field of heterogeneous reactive extraction for the hydration
of linear C3- and C4-alkenes or any other suitable reaction system, as given
above, it should be possible to derive guidelines for the design of a pilot-scale





The determination of the compositions of both liquid phases requires a two-way
sampling and analysis system. Furthermore, due to the strong volatility of the
alkenes the sampling must be conducted at system pressure and temperature
by a high-pressure online sampling system, i. e. the samples are to be taken
under system pressure and temperature directly injecting the sample into the
low pressure carrier gas supply line of the gas chromatograph. This sampling
strategy was achieved by employment of the rapid online sample injector
(ROLSI).
The ROLSI-system is a superheated capillary needle valve which allows for
the direct injection of a fluidic sample in the µl-domain from a high pressure
system into a gas stream at low pressure. With superheated it is meant that
the valve body is heated to such an extent that the sample is instantaneously
evaporated and no adsorption of sample components occurs on the inner surfaces
of the valve body.
However, in contrast to common sample-loop injection valves, using ROLSI
the absolute sample quantity is practically unknown. Thus, it is necessary to
detect all components in the sample and to use a quasi-internal standard for
quantification purposes. With quasi-internal it is meant that test-mixtures
with well known compositions are used instead of absolute sample quantity in
order to relate component mole fractions to peak area fractions rather than
the number of moles for a respective component to their absolute peak area
of the detector signal. By using a thermal conductivity detector (TCD) the
detection of all components can be ensured.
Due to the rigorous detection and evaluation of all components the mole frac-
tions of solvent and solutes differ significantly. This requires toggling the detec-
tor sensitivity. The detector sensitivity of the TCD of the Hewlett-Packard
5890™ gas chromatograph allows two settings, low and high sensitivity whereas
the setting high sensitivity is as high as 32-times the low sensitivity. The tog-
gling of the detector sensitivity is highlighted in the exemplary chromatograms
figs. A.2 to A.5.
The injected samples are transferred from the ROLSI to the gas chromato-
graph by the carrier gas which is drawn to the injector of the gas chromatograph.
An evaporation does not occur in the injector as the sample already evaporates
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in the sampling valve. Only the sample splitting capabilities of the injector are
used to reduce the sample quantity appropriately for capillary gas chromatog-
raphy columns. The used online gas chromatography system is illustrated in
fig. A.1.
Tables compiling system-specific method data and exemplary chromatograms


















































































































































































































Figure A.1: Flow chart of the online sampling gas chromatography system.
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A.1 C3-Hydration System
Table A.1: Parameters of gas chromatography method for the C3-system.
Parameter DET A (aqueous phase) DET B (organic phase)
Column
Dimensions 30m x 0.53mm x 2 µm 30m x 0.53mm x 2 µm
Stationary phase poly(ethylene glycol) poly(ethylene glycol)
Carrier gas flow 20 cm/s helium 20 cm/s helium
Split ratio 25:1 25:1
Detector TCD TCD
Temperatures
Injector 200 ◦C 200 ◦C
Detector 170 ◦C 170 ◦C
Oven
Start temperature 5min @ 80 ◦C
Ramp 20 ◦C/min
End temperature 1.5min @ 150 ◦C
174
A.1 C3-Hydration System
























Figure A.2: Gas chromatogram from an aqueous phase sample of the
C3-system.























Figure A.3: Gas chromatogram from an organic phase sample of the
C3-system.
175
Appendix A Gas Chromatographic Methods
A.2 C4-Hydration System
Table A.2: Parameters of gas chromatography method for the C4-system.
Parameter DET A (aqueous phase) DET B (organic phase)
Column
Dimensions 60m x 0.53mm x 5 µm 60m x 0.53mm x 5 µm
Stationary phase poly(dimethyl siloxane) poly(dimethyl siloxane)
Carrier gas flow 20 cm/s helium 20 cm/s helium
Split ratio 25:1 25:1
Detector TCD TCD
Temperatures
Injector 250 ◦C 250 ◦C
Detector 250 ◦C 250 ◦C
Oven
Start temperature 5min @ 120 ◦C
Ramp 20 ◦C/min


























































Flow Chart of Miniplant for Kinetic
Investigations
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C.1 Kinetic Experiments C3-Hydration System
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C.2 Kinetic Experiments C4-Hydration System
C.2 Kinetic Experiments C4-Hydration System
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Appendix C Experimental Results
C.3 Fluid Dynamic Experiments Katapak™-SP
Table C.3: Experimental data of fluid dynamic experiments in laboratory
packing of Katapak™-SP.




m3/(m2 h) m3/(m2 h) Pa/m vol%˙
1 1.5 21.4 13.0 5.64
2 3.2 21.4 14.0 6.78
3 4.1 21.4 13.3 7.37
4 5.0 21.4 13.3 7.88
5 6.7 21.4 15.0 8.48
6 8.9 21.4 22.0 9.42
7 1.5 33.6 28.7 5.46
8 3.2 33.6 27.7 6.85
9 4.1 33.6 29.3 7.41
10 5.0 33.6 30.0 7.79
11 6.7 33.6 37.0 8.37
12 8.9 33.6 50.0 9.47
13 1.5 38.2 34.3 5.46
14 3.2 38.2 34.7 6.8
15 4.1 38.2 34.7 7.37
16 5.0 38.2 35.3 7.7
17 6.7 38.2 47.3 8.35
18 8.9 38.2 60.7 9.39
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Appendix D
Fluid Dynamic Model for OCFS
The entire fluid dynamic model which is presented in the following paragraphs
is based on the model of Stichlmair et al. [1]. Their approach has been used
by several authors as basis for the development of models describing fluid
dynamics in OCFS (cf. Moritz and Hasse [2], Hoffmann et al. [3], Ellenberger
and Krishna [4], Ratheesh and Kannan [5]). Although these models were
developed to describe counter-current flow of gas and liquid a model for the
here considered case of two co-currently flowing immiscible liquids can be
derived.
D.1 Load Point
First of all, for the description of fluid dynamics in OCFS it is important to
determine the maximum possible liquid load with respect to the catalyst basket
of the OCFS also referred to as load point. According to Moritz and Hasse
[2] the load point can be determined from a Bernoulli balance around a















The Reynolds number at the load point ReLP is calculated from
ReLP =
umax,LdCPρL
(1− εCB)ηL . (D.1c)
Equations (D.1a) to (D.1c) are solved implicitly for the maximum liquid load
in the catalyst baskets u2max,L. As is explained in section 4.6.2 the load point
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marks an important fluid dynamic state of an OCFS. Besides the importance of
operating the OCFS at least at or above the load point, respectively, for a most
effectively utilization of the catalyst, the load point also marks discontinuities
in the courses of hold-up and pressure drop.
D.2 Pressure Drop
Figure 4.17 shows that the pressure drop is completely independent of the liquid
load below the load point but not above. As the continuous phase – usually
the gas phase, here the liquid or supercritical organic phase – does not flow
through the catalyst baskets but within the open channels of the OCFS the
increasing load of the disperse phase, exclusively flowing inside the catalytic
compartment, has no impact on the pressure drop up to the load point. If the
dispersive phase load exceeds the load point excessive dispersive phase will flow
on the packing surfaces which enclose the open channels, thereby reducing the
available cross section for the continuous phase flow.
Due to the discontinuity in the pressure drop as function of the dispersive
phase load the pressure drop in the sub-load point situation is described
independently from the super-load point situation as dry pressure drop which















The gas velocity uG is obtained from the superficial gas load wG, the volume





The correlation of the friction factor was found, fitting it to experimental










The irrigated pressure drop, i. e. the pressure drop which is additionally
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D.3 Hold-up
affected by the cross section reducing liquid flow in the open channels, can be








wherein FrL,OC is the Froude number of the gravity driven liquid flow in the
open channels. Equation (D.3) has been somewhat simplified over that which
was originally proposed by Ellenberger and Krishna [4], but expresses essentially
the same. Pre-factor and exponent were correlated to the experimental pressure









= wL − wLP
εOC sin θ
. (D.4b)
The liquid load at the load point wLP is related to the maximum possible liquid
flow velocity in the catalyst baskets umax,L
wLP = umax,Lψ (γ + 1) (D.4c)
where ψ is the volume fraction of the catalyst baskets and γ accounts for the
distribution of the liquid load between catalyst baskets and open channels.




In this work the liquid load distribution is set to γ = 0.5. This value is chosen
due to the ratio of jets of the dispersive phase distributor directed to the open
channels to those directed to the catalyst baskets which is 3 : 6.
D.3 Hold-up
The dispersive phase hold-up consists of two contributions – hold-up within
the catalyst baskets and hold-up in the open channels
hL = hL,CB + hL,OC . (D.5)
Following the approach of Ratheesh and Kannan [5] the hold-up in the
open channels hL,OC is described by a correlation with respect to the Froude
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number in the open channels FrL,OC. For the experimental data the following
correlation is derived
hL,OC = 96.3Fr1.785L,OC (D.6a)







Equations (D.6a) and (D.6b) can be applied to the whole range of liquid flow
patterns in the OCFS. In contrast to the fluid dynamic models for gas-liquid
counter-current flow in OCFS, here no term considering an impact of the gas
flow on the liquid hold-up in the open channels is necessary due to the co-current
liquid-liquid flow which was employed in the fluid dynamic experiments of this
work.
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Property Methods and Mass Transfer
Coefficients
E.1 Property Methods
This section deals with the property methods which have been used in this
work. The according parameters are needed for the simulation of the reaction
and separation processes.
The important modeling of fluid phase equilibria and chemical equilibria
of the C3- and the C4-hydration system is discussed in detail in chapter 2.
Therefore, fluid phase equilibria are no subject of this appendix. However, a
derivation of the analytic expression for the partial molar fugacity coefficient
eq. (2.9a), which is essential for the computation of fluid phase equilibria, is
provided here.




iv) mass transfer coefficients.
The latter will be discussed in appendix E.2.
E.1.1 Partial Molar Fugacity Coefficient
An explicit expression for the partial molar fugacity coefficient ϕ¯i of a component
i can be derived analytically from the following expression (cf. Poling et al. [1],











− lnZ . (E.1)
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According to Poling et al. [1], the derivative in eq. (E.1) can be taken before
carrying out the integration. As the task here is to derive the partial molar
fugacity coefficient of the VTPR-EoS, but neglecting the volume correction c
(cf. section 2.1.1), it is the Peng-Robinson equation of state (PR-EoS) which
needs to be used here for the derivation of the partial molar fugacity coefficient.
Starting from the PR-EoS in the compressibility explicit form expressed in








V 2 + 2nbV − n2b2
) , (E.2)








for the derivative of the first term of the r. h. s. of eq. (E.2) follows
∂
(
nV/ (V − nb)
)
∂ni
= V (V − nb) + nV b¯i
(V − nb)2 , (E.3)





















V 2 + 2nbV − n2b2
)2 .
(E.4)
Introducing eqs. (E.3) and (E.4) into eq. (E.1) the integrand becomes
∫ ∞
V



















V 2 + 2nbV − n2b2
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− 2n2ab¯i (V − nb)
RT
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dV = ln (V − nb)− lnV
∣∣∞
V
= − ln V − nb
V
, (E.6a)
for the third term∫ ∞
V
nb¯i







V − nb (E.6b)
and for the fourth term
∫ ∞
V
−n (a+ a¯i) (V 2 + 2nbV − n2b2)− 2n2ab¯i (V − nb)
RT
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ln V + nb+ nb
√
2
V + nb− nb√2 .
(E.6c)
Introducing the integration result eq. (E.6) back into eq. (E.1) and substitut-










































































Dynamic liquid viscosities of the pure components are calculated with the
correlation of the DIPPR Project (Rowley et al. [2]). The temperature-
dependent correlation is written as
η





+ a2 lnT + a3T a4
)
(E.9)
whereas the temperature T is in K. The coefficients a0-a4 in eq. (E.9) are
listed in Rowley et al. [2] for a variety of components. Coefficients for the
C3-hydration system are compiled in table E.1.
Table E.1: Coefficients for temperature correlation of pure component
liquid viscosity [2].
Comp. Coefficients
a0 a1 a2 a3 a4
P −9.1477 500.87 −0.317 45 – –
W −52.843 3703.6 5.866 −5.879× 10−29 10
IPA −8.23 2282.2 −0.984 95 – –
DIPE −11.5 993.0 0.022 – –
Viscosities for liquid mixtures are computed from composition and pure




xi ln ηi (E.10)
which has been critically analyzed in Poling et al. [1]. The original method





For the bulk phase diffusivities two methods are employed depending on the
state of the phase under consideration. For vapor phases diffusivities the
method of Fuller and for liquid diffusivities at infinite dilution that of Tyn
and Calus are used. Both methods are intensively discussed in Poling et al.
[1]. For diffusivities in high pressure supercritical phases the method for liquids
is used.













whereas DAB is the diffusivity of solute A in solvent B in cm2/s, T is in K, P








, and Σv is found by summing atomic diffusion volumes (cf.
table E.2) for each component individually.
Table E.2: Atomic diffusion volumes of Fuller-method for gas phase






The method for estimation of liquid phase diffusivities at infinite dilution
Ð◦AB of Tyn and Calus uses the following relation










In eq. (E.12), Ð◦AB is in cm2/s, vNBP is the molar volume of the liquid at
normal boiling point in cm3/mol of solute A or solvent B, respectively, P is
the dimensionless parachor, T is in K, and ηB is the dynamic viscosity of the
pure solvent in cP (10−3 Pa s).
Parachors for the components that are involved in this work are provided in
table E.3.
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Equation (E.12) is subject to the following restrictions according to Poling
et al. [1], pp. 11.23-11.25:
i) the method should not be used for diffusion in viscous solvents. Values
of ηB above about 20 cP to 30 cP would classify the solvent as viscous,
ii) if the solute is water, a dimer value of vA and PA should be used,
iii) if the solute is an organic acid and the solvent is other than water, methyl
alcohol, or butyl alcohol, the acid should be considered a dimer with twice
the expected values of vA and PA, and
iv) for nonpolar solutes diffusing into monohydroxy alcohols, the values of
vB and PB should be multiplied by a factor equal to 8ηB.
For the dependency of liquid phase diffusivities on composition the generalized
multicomponent Darken-relation is used, (Krishna and Baten [4, 5]), which













In eq. (E.13b), ωi is the mass fraction of component i. The linear dependence
of the self-diffusivities on mass fractions has been justified by Krishna and
Baten [4] for a variety of ternary and quaternary aliphatic alkane systems.
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E.1.4 Enthalpy and free (Gibbs) energy
Enthalpies of liquid and gaseous components for given temperature and pressure
are obtained from
h(T, P ) = h(T, P 0)−RT 2 dϕdT (E.14a)
with the temperature dependent enthalpy at reference state
h(T, P 0) = href +
∫ T
T ref
cIGP (T ) dT . (E.14b)
The type of state (liquid or gas) of enthalpy is determined by an appropriate
choice for the pure component fugacity coefficient ϕ computed with the thermo-
dynamic model which is described in section 2.1.1. The temperature derivatives
dϕ
dT are computed using finite difference approximations. A temperature corre-
lation for cIGP and enthalpies at ideal gas reference state href are provided in
table 2.6.
Figure E.1 shows exemplary graphs for liquid and vapor enthalpies of isopropyl
alcohol along the vapor pressure curve.
The temperature dependent pure component free (Gibbs) energy or chemical












whereas chemical potentials at reference state µref are given in table 2.6.
E.2 Mass Transfer Coefficients
The simulation of diffusive mass transfer in fluid zones at fluid phase interfaces
requires the computation of mass transfer coefficients which incorporate the
influence of fluid dynamics into molecular interactions. Thus, the mass transfer
coefficients and models for their computation depend on the actual mass transfer
process and phase contacting equipment.
E.2.1 External catalyst mass transfer
The mass transfer coefficient for the Nernst diffusion layer which surrounds
the catalyst particle is calculated from the Sherwood function of Krevelen
and Krekels [6] as
ShLS = 1.8Re0.5LSSc0.33LS . (E.16)
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T / K (p = p
vap
(T ) if T < T
c

















∆ = −h h h
vap V L
Figure E.1: Liquid, vapor, and ideal gas phase enthalpy of IPA as function
of boiling temperature up to the critical point and beyond; pressure
is set to vapor pressure below critical temperature and to the critical
pressure above.
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E.2.2 Reactive extraction
For the aqueous phase, the liquid phase mass transfer coefficients of Hoffmann
et al. [7] are used. For the supercritical organic phase which flows through
the open channels of the structured packing the correlation of Ruivo et al. [8],
which was found for an extraction process with supercritical carbon dioxide, is
used. Both models are derived from the mass transfer model of Rocha et al. [9]
for distillation in structured packing, e. g. Sulzer BX™.
The supercritical phase mass transfer coefficient can be computed from the
Sherwood function
ShSC = 4.68× 10−3Re0.8SCSc0.33SC . (E.17)






with the effective liquid velocity in the open channels defined in eq. (D.4b). S
is the corrugation side of the OCFS forming the open channels.
Equations (E.17) and (E.18) do not exactly represent the situation under
consideration. Therefore, the used models are subject to future validation in
the envisaged experimental study of reactive extraction (cf. section 4.6.3).
E.2.3 Distillation
The model for mass transfer coefficients for distillation processes in structured
packings of Rocha et al. [9] is used in this work.
The liquid phase mass transfer coefficient is obtained from eq. (E.18) whereas
the gas phase mass transfer coefficient is calculated from the Sherwood function
ShG = 5.4× 10−2Re0.8G Sc0.33G (E.19a)
whereas the gas phase Reynolds number is expressed as
ReG =
(uGE + uLE) ρGS
ηG
(E.19b)
with the effective gas and liquid flow rates defined by
uGE =
uGS
ε (1− hL) sin θ (E.19c)
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α(T ) temperature correction function of the cohe-
sive energy parameter of the VTPR-EoS
β fraction of moles light phase in a flash split
(β = n′
n′+n′′ )
δ m film thickness
δ Kronecker delta
ε mol extent of reaction
εcat catalyst porosity
εabs mmol/(eq s) absolute fitting error (residual)
εCB void fraction catalyst bed
ε iteration stop criterion
εOC void fraction open channels
η Pa s dynamic viscosity
η catalyst efficiency
γ activity coefficient
γ distribution coefficient of disperse phase in
OCFS
κ ms mass transfer coefficient
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Symbols
λ dimensionless length coordinate





ψ volume fraction of catalyst baskets in struc-
tured packing
ρ kg/m3 density
ρH+ eq/kg weight specific acid site concentration
τcat tortuosity of catalyst pore structure
θ inclination angle of structured packing
ϕ fugacity coefficient
ξ friction factor
ξ dimensionless length coordinate
Latin Letters
A m2 area
D m2/s Fick diffusivity
Ð m2/s Maxwell-Stefan diffusivity
Ð◦ m2/s diffusivity at infinite dilution
Dax m2/s dispersion coefficient
D mol/s distillate stream
Dself m2/s self diffusivity
E mol/s exit stream
Ea kJ/mol activation energy
E kJ/s energy balance residual
E kJ/s energy transfer rate
F mol/s feed stream
F mol/s general flow
ID m internal diameter
K distribution coefficient




K398a reference value of the equilibrium constant at
398K
L m geometrical length
L mol/s molar liquid flow rate
M mol/s entrainer make up
M mol/s mass balance residual
N mol/(m2 s) molar flux
N mol/s mass transfer rate
Nsamples number of samples
P MPa pressure
P parachor
∆P Pa pressure drop
P sat MPa vapor pressure
Q MW heat duty
Q equilibrium balance residual
R mol/s raffinate stream
R mol/s rate balance residual
R J/(molK) gas constant
S % selectivity
S mm corrugation side of structured packing
SMFV kg/(m2 s) superficial mass flow velocity
STY mol/(m3 s) space time yield
T K temperature
TOS h time on stream
V m3 volume
V mol/s molar vapor flow rate
X % conversion
a Pa(m3)2/mol2 cohesive energy parameter of the VTPR-EoS
a activity
a K first UNIQUAC interaction parameter
a m2/m3 volume-specific surface area
b m3/mol co-volume parameter of the VTPR-EoS
b second UNIQUAC interaction parameter





cH+ eq/m3 volume specific acid site concentration
c 1/K third UNIQUAC interaction parameter
cP J/(molK) molar heat capacity at constant pressure
d m diameter
dc m column diameter
e kJ/(m2 s) energy flux
f MPa fugacity
g kJ/mol free (Gibbs’) energy
g m2/s acceleration due to gravity
h kJ/mol enthalpy
∆hr kJ/mol heat of reaction
h m height
h hold-up
∆hvap kJ/mol enthalpy of vaporization
k+ mmol/(eq s) reaction rate constant of the forward reaction
k0+ mmol/(eq s) pre-exponential factor of the rate constant
n mol number of moles
n 1/min rotational frequency
nc number of components
q′ additional parameter of the UNIQUAC-q′-
model for alcohols and water
q van der Waals surface parameter of the
UNIQUAC-model
r mmol/(eq s) reaction rate (mol/s in eq. (3.2b))
r0 mmol/(eq s) initial reaction rate
r m radius
r van der Waals volume parameter of the
UNIQUAC-model
s m2 surface area
t s time
u m/s interstitial flow velocity
u V voltage
v m3/mol molar volume
w m/s superficial flow velocity (load)
x liquid phase mole fraction
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Symbols
y vapor phase mole fraction
z overall (feed) mole fraction
z compressibility factor
z m length coordinate
Superscripts
0 reference state
′ light liquid phase
′′ heavy liquid phase
¯ partial molar quantity
F feed
I identifier of fluid interface
L1 identifier of organic film layer
L2 identifier of aqueous film layer
L2S identifier of catalyst surrounding film layer






























L liquid (dispersive phase)
LP load point
LS liquid-solid
OC open channels in structured packing
P propene
R retention or reactor
RE reactive extraction
S surface









c parameter value at critical point
dry dry packing
exp experimentally determined quantity
h hydraulic
i index







output value at reactor outlet




tracer value with respect to the tracer used for RTD
analysis
wet ion exchange resin saturated with solvent










AE2 second order electrophilic addition mechanism
B n-butenes
BDE basic differential equation
BVP boundary value problem
CSTR continuously stirred tank reactor
DIPE diisopropyl ether
DSBE di-sec-butyl ether
E1 first order elimination mechanism
ETBE ethyl tert-butyl ether
FTIR-ATR Fourier transform infrared - attenuated total
reflection
GMS generalized Maxwell-Stefan equations
HP-LLE high pressure liquid-liquid equilibrium
IPA isopropyl alcohol




MEK methyl ethyl ketone
MTBE methyl tert-butyl ether
NRTL non-random two liquid
OCFS open cross-flow structured catalytic packing
ODE ordinary differential equation
P propene
PDE partial differential equation
PFTR plug flow tubular reactor
ROLSI rapid online sample injector
RTD residence time distribution
SN1 first order nucleophilic substitution mechanism
SBA sec-butyl alcohol
SMFV superficial mass flow velocity
STY space time yield
TAME tert-amyl methyl ether
TCD thermal conductivity detector
TOS time on stream
UNIFAC universal functional activity coefficient
UNIQUAC universal quasi-chemical
UNIQUAC-q′ modified universal quasi-chemical
VLE vapor-liquid equilibrium
VLLE vapor-liquid-liquid equilibrium
VTPR-EoS volume translated Peng-Robinson equation of
state
VTPR-UNIFAC volume translated Peng-Robinson equation of
state - universal functional activity coefficient
212
Abbreviations
VTPR-UNIQUAC volume translated Peng-Robinson equation of
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